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Abstract

Membrane technologies have attracted attention in the last decades as a promising
industrial solution in the field of gas separation. In this dissertation, membrane gas
separation was analysed both mechanistically in terms of elementary steps [1] of gases
permeation, i.e. adsorption and diffusion, and in terms of industrial application. Indeed,
the dissertation can be divided in two parts. In the first one permeation and kinetic
adsorption measurements have been carried out on membrane and solid porous materials,
respectively. In the second part, the main industrial applications of membrane gas
separation have been investigated. Particular attention was focused on CO: separation
which is a hot topic in the field due to the known environmental problems related to CO2
emissions.

Kinetic adsorption experiments showed the potential application of the Sieverts systems
for solubility and gas diffusivity evaluation. In particular, the use of Redlich-Kwong
equation of state allowed to model satisfactorily the system in a wide range of operating
conditions and to easily predict the behaviour of gases. An analysis on membrane
permeation performance was carried out using pressure drop and concentration gradient
methods. Matrimid and PIM-based membranes were studied. In particular, Matrimid
membrane showed a good behaviour in a wide temperature range from -25°C to 150°C,
while PIM membrane, generally, showed two main disadvantages: 1) high selectivity
reduction due to plasticization phenomena and 2) fast reduction of selectivity and
permeation properties due to quick aging [2].

Particular attention was focused on three different membranes PIM-PI-1, PIM-PI-r-
6FDA-Durene=1:6 and PIM-PI-r-PIM-PEG=4:1, which showed CO2 permeance values

of 75.1, 68.4, and 20.3 dm3(STP) m™ h™! bar!, respectively.



The experiments demonstrated promising separating performances of CO2 from other
gases such as N2 and Oz. For instance, CO2/N2 selectivities values of PIM-PI-1 and PIM-
PI-r-PIM-PEG=4:1 have been calculated 16.3 and 15.6, respectively. Moreover, no
dependence of the transport properties on operating pressure has been retrieved. These
results indicate that PIM-based membranes have potential in CO2 separation from stream
in a large range of operating conditions.

The second part of this dissertation deals with COz separation from a biogas-based stream
(CO2/CH4 mixture) and trichloroethylene separation from N2 stream. Both applications
have industrial relevance.

Separating CO:2 from biogas and/or natural gas aims to enrich the stream in CHa, thus
increasing the energetic value of biogas. In this regard, the effect of water vapour on the
separation was studied at different CO2/CHa selectivities (from 25 to 100), pressure ratio
and flow rate/membrane area ratio. The presence of water vapour induced significant
changes in membrane performances, with consequent repercussions in CH4 recovery,
which, in some cases, reduced from 85.3% to 80.9% from dry to wet conditions.
Trichloroethylene (C2HCl3) may cause cancer, causes serious eye irritation, is suspected
of causing genetic defects, is harmful to aquatic life with long lasting effects, causes skin
irritation and may cause drowsiness or dizziness [3].

Therefore, the recovery of C:HCI3 and its separation from Nz during process
transformation is very important. The simulations carried out in this dissertation aim at
increasing C2HCI3 recovery and reducing its concentration in the stream. Moreover, the
membrane integrated process was compared with traditional technologies by using
process intensification metrics. Membrane integrated process showed the best solution in

terms of energy intensity (61.6 kJ mol™!) with respect to high pressure condensation and



cryogenic systems, which showed energy intensity of 142.9 and 110.7 kJ mol™,

respectively.



Sommario

Negli ultimi anni, la tecnologia a membrane ha assunto sempre maggiore interesse come
applicazione industriale nelle separazioni gassose. Durante le attivita di ricerca riportate
all’interno di questa tesi, sono state investigate sia le proprieta di trasporto e sia la
potenzialita delle membrane per le applicazioni industriali. La tesi, dunque, puo essere
suddivisa in due parti correlate: la prima, prevede lo studio dei fenomeni di trasporto
(adsorbimento e diffusivita dei gas) che intercorrono nella separazione gassosa a
membrane [1] e I’analisi della permeabilita di gas all’interno di membrane dense; la
seconda fase, invece, prevede I’analisi di sistemi a membrane per le separazioni gassose

in applicazioni industriali.

Particolare attenzione ¢ stata focalizzata alla separazione della CO2, che rappresenta una
delle principali tematiche affrontate in letteratura. Lo studio cinetico dell’adsorbimento ¢
stato condotto all’interno di sistemi volumetrici alla Sieverts. Questo ha permesso di
sviluppare un modello cinetico per la determinazione dei coefficienti di diffusivita in
materiali solidi. Il comportamento dei gas ¢ stato studiato e predetto attraverso equazioni
di stato basate sul modello di Redlich-Kwong.

Le misure di permeabilita condotte sulle membrane in Matrimid e su quelle base PIM
sono state mirate ad identificare la loro potenziale per uso industriale.

La membrana in Matrimid ha mostrato un buon comportamento in un ampio intervallo di
temperature da -25 © C a 150 ° C, evidenziando la potenzialita di impiego in molteplici
processi industriali (da processi che impiegano moderate temperature criogeniche a

processi che lavorano con temperature mediamente alte).



Le membrane a microporosita intrinseca (PIM) mostrano, generalmente, due svantaggi:
1) alta riduzione della selettivita dovuta al fenomeno della plasticizzazione e 2) riduzione
rapida delle proprieta di selettivita e permeazione a causa dell’aging [2]. Particolare
attenzione ¢ stata focalizzata su tre diverse membrane PIM-PI-1, PIM-PI-r-6FDA-Durene
= 1:6 e PIM-PI-r-PIM-PEG =4:1 che mostrano delle permeanze alla COz rispettivamente
di 75.1, 68.4 € 20.3 dm® (STP) m? h'! bar™'.

Le misure di permeabilita hanno mostrato delle promettenti prestazioni di separazione
della COz rispetto gli altri gas come N2 e Oz (ad esempio, le selettivita CO2/N2 di PIM-
PI-1 e PIM-PI-r-PIM-PEG=4:1 sono rispettivamente 16.3 ¢ 15.6) e non ¢ stata rilevata
nessuna dipendenza delle proprieta di trasporto dalla pressione di esercizio (effetti di
plasticizzazione). Questi risultati indicano che le membrane base PIM hanno un ampio
potenziale di applicazioni per la separazione della CO2 da correnti di flue gas.

Nella seconda parte della tesi, sono state studiate la separazione della CO2 da un flusso
simulato di biogas e la separazione di tricloroetilene da corrente di azoto. L'arricchimento
del CH4 ottenuto mediante separazione della COz, € una delle principali strade percorribili
per aumentare il valore energetico del biogas e/o del gas naturale. E stato studiato 'effetto
del vapore acqueo sulla separazione a diverse selettivita di CO2/CH4 (da 25 a 100),
rapporto di pressione e rapporto portata/area della membrana.

La presenza di vapore acqueo ha indotto cambiamenti significativi nelle prestazioni della
membrana, con conseguenti ripercussioni nel recupero di CHas, che in alcuni casi si ¢

ridotto dall'85.3% all'80.9%.

Ad oggi, il tricloroetilene ¢ un solvente di sintesi controllato normativamente a causa

dell’elevato rischio ambientale e per la salute umana.



Le simulazioni effettuate hanno permesso di sviluppare strategie di processo al fine di
recuperare il C2HCI3 e a ridurne la concentrazione nella portata emessa in atmosfera. Il
processo integrato a membrane ¢ stato confrontato con le tecnologie tradizionali
utilizzando le metriche della Process Intensification. Il processo integrato a membrana ha
mostrato la migliore soluzione di processo in termini di Energy Intensity (61.6 kJ mol™'),
comparandolo con le tecnologie tradizionali quali la condensazione ad alta pressione e |
condensazione criogenica, che hanno mostrato rispettivamente una Energy Intensity di

142.9 € 110.7 kJ mol™".



Outline

This dissertation deals with the membrane technology application in the industrial stream
treatment. Particular attention was focused on CO: separation from gas mixtures
containing CHs and volatile organic compounds (VOCs).

The first chapter presents the state of the art in the field of membrane technologies for
gas separation, with particular attention to CO2 and VOCs separation. The environmental
problem of the global warming caused by emission of greenhouse gases, such as CO2 and
C2HCI3, and the industrial membrane application for gas treatment are discussed. The
second chapter describes the fundamentals of membrane gas separation, in particular, the
basic principles of membrane gas separation in dense membranes (Sorption-Diffusion
model). Experimental methods for membrane characterization in terms of gas permeation
and separation performances, and related mathematical models are discussed.

Chapter 3 reports the kinetic analysis on high pressure adsorption apparatus carried out
during a training experience abroad, at the University of Edinburgh. Appendix A and B

report the publications and the training Ph.D. school activity, respectively.

Chapter 4 reports the analysis carried out on dense and mixed matrix membrane for CO2
separation from gas mixtures.

Wet COz-mixture separation analysis for biogas to bio-methane enrichment is discussed
in Chapter 5. Separation performance and membrane module design are studied. Chapter
6 reports an industrial case study about trichloroethylene mixture separation. Analysis
was carried out by using membrane integrated process and the results were compared to

traditional technologies used for VOCs capture. To this aim process intensification



metrics, such as mass and energy intensity, have been used. Finally, the main results are

summarized in the last chapter of this dissertation (Conclusions).



1. Introduction

1.1. State of the art — Membrane Gas Separation

The Research Agenda published as part of the Delft Skyline Debates [4] defines the new
strategies for chemical industry development based on process intensification principles.
The main aims are the sustainability and efficiency process growth. On this basis, the
traditional industry is pushed to develop plant and processes by using innovative
equipment and methods which afford lower production costs, reduce equipment size,
energy consumption and waste generation, and improve remote control, information
fluxes and process flexibility. Membrane technologies can play an important role in this
framework and, in particular, membrane gas separation is assuming more and more
importance. Commercial scale gas separations [5] using membrane systems were applied
for the first time in the late 1970s to early 1980s. Today membrane technology for gas
separation (GS) is a well-consolidated technique, which in various cases is competitive
with traditional operations [6]. As it will be discussed in the next paragraph (1.2
Membrane gas separation technology for industrial application), membrane gas
separation is used in Hz recovery from refinery and petrochemical industrial gases, natural
gas dehumidification, and CH4 enrichment of industrial streams.
The main advantages and specific features attributable to membrane technology with
respect to traditional technologies are reported below:

1. Lower capital (devices and membranes cost) and operating (electricity, heat, etc.)

cost.
2. Simplicity of operation, installation and maintenance.

3. Modularity. Easily scalable processes.



4. Membrane devices and systems are compact. The membrane plants are at lower
footprint.
5. Mild operating conditions, close to ambient condition (with respect to traditional
technologies, e.g. cryogenic).
6. Continuous process.
7. Easy design of membrane integrated processes. In other words, it is easy to
combine membrane processes with traditional technologies.
The history of membrane gas separation development is based on several milestones
(Figure 1, [7]), starting from the first observations of J. K. Mitchell in 1831 [8,9]. Mitchell
observed the first gas permeation through natural rubbers. The most important
contribution was made by Thomas Graham which recorded the first diffusion rate and
observed that the gas diffusion rate is inversely proportional to the square root of its
density [10]. He also observed that same species diffused more slowly through the
polymers than other materials. The chemical nature of compounds strongly influenced
their diffusion through polymers and other materials. These results brought to the
discovery of dialysis. In the 1855, Fick [11] postulated the first law of diffusion (Fick’s
low) on the basis of his studies on gas transport through nitrocellulose membranes.
However, the main quantitative analysis was carried out by T. Graham which formulated
the solution-diffusion model for gas permeation through the membrane [12].
In 1879 Von Wroblewski [13] quantified the Graham's model, defining the permeability
coefficient as the ratio between the permeating flux and the transmembrane pressure
multiplied by the membrane thickness. He, also, defined permeability as the product
between diffusivity and solubility. In 1891 Kayser [14] demonstrated the validity of the

Henry's law for adsorption of COz in rubber. Up to this time the progress in membrane
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separation was very slow. An important step forward was done by H.A. Daynes in 1920
[15]. He developed the time-lag method which allows to determine the diffusion
coefficients of gases. Only in the 70’s, the first important application of membrane gas
separation in an industrial plant has been reported. More details are reported in “1.2
Membrane gas separation technology for industrial application”.

The membranes used in the gas separation field, can be classified in two families: organic
and inorganic. Organic membranes, especially polymeric membrane, are widely used in
the membrane gas separation technologies due to lower cost and lower fabrication issues
than inorganic membrane [16]. Inorganic membranes are used only in specific
applications, where high thermal, mechanical and chemical resistance are needed.

This thesis focuses on the polymeric membranes and their applications. For this reason,
in the next discussion, only the polymeric membranes will be considered.

In the last years, the introduction of new polymers with high free volume endows the
membrane with very high permeabilities values. Membrane Technology and Research,
Inc. (MTR) [17] developed a new perfluoropolymers for CO2 separation with improved
resistance to contaminants.

Organic membranes can be divided into three sub-groups: liquid, mixed matrix and
polymeric membranes. Liquid membranes are comprised by a selective liquid layer which
allows selective separation of a specific component from the retentate to the permeate
phase (18). The selective liquids have to be immiscible with the liquids in the retentate
and permeate. The membranes can be self-supported or with solid support (usually the
selective liquid is kept inside the pore of solid supports). The main disadvantage is due to
the very low mechanical resistance, as high pressure can cause easy entrainments of the

membrane liquid.
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Mixed matrix membranes are a new generation of membranes comprised of solid
inorganic particles embedded in a polymeric matrix. Mixed matrix membranes provide
both high perm-selectivity (due to presence of the polymer) and high permeability (thanks
to the performances of the inorganic particles) [19,20].

The polymeric membranes generally follow solution-diffusion transport law. For gas
separation purposes, polymeric hollow fibres is the best technology available which
provide significant advantages thanks to their high surface area and the relatively low cost
[16,21].

Unfortunately, the efficiency of polymeric membranes decreases with time, due to
compaction, chemical degradation and thermal instability [16,22]. One of the main issues
is the plasticization phenomenon that will be discussed later. Polymer progress allowed
to discover new types of polymers with ultra-high intrinsic microporosity (PIM) and

thermal rearranged (TR) [23,24] which have shown exceptional transport properties.

12
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Figure 1 - Milestone of membrane gas separation [7].
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1.1.1. CO; separation

COz separation is, up to now, one of the main challenges of membrane technology.

The conventional CO2 separation processes are absorption (by using ammines, such as
mono-ethanolamine), adsorption, and cryogenic separation [25,26].

Absorption is the more widely diffused process among them. Owing to fast kinetics and
high absorption capacity CO2 capture reaches very high efficiencies (90% or more). In
the absorption processes in amines two important issues have to be considered. Amines
can be highly corrosive and accelerate the degradation of the plant devices together with
other components such as Ha2S [27]. The second issue is the high energy demand. This is
particularly true as far as the regeneration step is concerned, which requires large scale
equipment for the CO2 removal and the handling of chemicals. The Department of Energy
— National Energy Technology Laboratory (DOE/NETL) has estimated [28] that the
monoethanolamine (MEA) based process for COz capture will increase the cost of the
electricity for a new power plant by about 80-85%, also reducing the plant efficiency of
about 30% [27,29].

These disadvantages promoted the recent industrial use of cryogenic processes for the
removal of CO2 from natural gas.

Great advantages of cryogenic CO:2 capture with respect to absorption are that no
chemical absorbents are required, and that the process can operate at atmospheric
pressure. The main disadvantage is due to the water content which condense during the
cryogenic step and, consequently, high pressure drop or plugging occurs. Moreover,
owing to solid formation, the heat transfer efficiency is lower. Regeneration cycles are
needed to operate at higher temperature than the cryogenic ones (regeneration should be

carried out with great care to avoid excessive mechanical stresses).
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The adsorption systems are widely employed in industry, for different gases and
concentrations. Depending on the type of interaction between the material and the target
molecule, adsorbents can be used to separate gases in a wide range of possible process
configuration. The main issue is due to the unsteady-state process because the absorbent
accumulates gas up to its saturation. Like regeneration in the absorption, the desorption
process is therefore expensive, similarly to the regeneration step in the absorption process.
Moreover, the method used to regenerate the adsorbent could influence the sorbent

capacity in the following separation step.

Owing to the limit of traditional technologies, the membranes have gained more and more
importance for the CO2 separation and capture. Thanks to the low energy requirement for
compressing COz, the low corrosion problems due to the weak COz acidity, and the high
stream value in terms of heat power, membranes are used in several separation industrial
plants. Natural gas and biogas separation for CH4 enrichment are the main chemical
processes which perform membrane CO:z separation.

Electricity production from fossil fuel in power plants will be challenged by the growing
concerns about anthropogenic emissions of greenhouse gases, such as carbon dioxide,
and to the consequent global climate change. The regulation of the carbon dioxide
emissions implies the development of specific CO:z capture technologies that can be
retrofitted to existing power plants and designed into new plants, with the goal to achieve
90% of CO2 capture [29]. Therefore, the recovery of CO2 from large emission sources is
a scientific challenge which has received considerable attention for several years [30, 31,
32]. In particular, the identification of a capture process which fits the needs of target

separation performances, together with a minimal energy penalty, is a key issue.
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Despite the aforementioned numerous advantages, there are a number of issues associated
with the membrane based capture of carbon dioxide from flue gases which limit the
application of this technology. The concentration of CO2 in flue gases is low, which
means that large quantities of gases will need to be processed. The high temperatures of
flue gases will rapidly destroy a membrane, so the gases need to be cooled below 100 °C,
prior to membrane separation. Likewise, the membranes will need to be resistant to the
harsh chemicals contained into the flue gases, or at least these chemicals must be removed
prior to the membrane separation step. Additionally, creating a pressure difference across
the membrane will require significant amounts of power, which will in turn lower the
thermal efficiency of the power plant. The composition of flue gases varies greatly
depending on the fuel source, power plant and prior treatment. For instance, the flue gas
coming out from a power and a steel production plants exhibit significant differences in
CO2 concentration. The use of membrane technology for CO2 separation is, thus, also
strictly related to the conditions of the stream to be treated. However, both membrane
properties and the operating conditions of the whole process play the key role in
evaluating the convenience of a membrane separation process at industrial scale.
Natural gas composition varies from source to source. CH4 content is always the major
component and the typically concentration is 75-90%. The second component in the
natural gas mixture is CO2 whose concentration ranges between 0-20%. Today, the
membrane technologies are applied for less than 5% to natural gas treatment, and almost
all the market is oriented toward COz removal for CH4 enrichment.

Using CH4 as energy source is very important in industry, even if renewable energy
sources are nowadays of major importance for long-term sustainability. In this context,

biogas obtained via microbial digestion of farm or sewage wastes is a promising
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compromise. The biogas produced consists of several gases. Out of these, CH4 and CO2
are the major components (up to 50%), while other gases including H2S, N2 and O: are
also present [33] (bio-methane membrane treatment will be discussed in Chapter 5).

Inorganic and polymeric membranes are both used in the natural gas treatment for CHa
enrichment. One of the most promising inorganic membranes is the zeolite membrane
which shows the best CO2/CHas selectivity and CO2 permeability, when compared to other
inorganic membranes reported in literature [34]. For instance, DDR membrane shows the
highest CO2/CHa selectivity close to 670 at 26 °C [35]. However, due to manufacturing
issues, only few zeolite membranes are used in industry, despite high CO2/CHa selectivity
values up to 100 , [36] have been achieved during experimental measurements in
laboratory [37,38]. In the last years, the new polymeric membranes reached more and
more interest for application in COz separation owing to chemical and thermal resistance
and easier industrial scale-up compared to zeolite membranes. Particular attention is
focused on polymeric membrane with high free volume and high permeability [39]. In
this family, PIM-based membranes are the most promising membranes for gas separation
[40]. McKeown et al. had successfully developed the first polymer with intrinsic
microporosity and large surface area [41] and had synthesised the materials PIM-1 and
PIM-7 for membrane applications [42]. These membranes have high CO2 permeability of
2300 (PIM-1) and 1400 Barrer (PIM-7). Only ultrahigh free volume polymers, such as
PTMSP [42], show higher CO2 permeability. Dense polymeric membranes are the most
common used membrane for gas separation application [43]. Owing to their lower
permeability [44] and instability in terms of separative performance in presence of

condensable gases, they are marginalized for natural gas applications [45].
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1.1.2. Plasticization

The plasticization is an important phenomenon that can occur during polymer processing
or during separation stages. In the first case, plasticization increases the capability of
gases to flow through the polymer. Usually, due to the low molecular weight compounds
introduced into glassy polymers, it increases the processability of the material [46]. The
low molecular weight compounds allow a more polymer flexibility with increased rate of
segmental motion and chain flexibility [47]. On the other hand, plasticization is one of
the main issues during gas separation. Here, plasticization is a pressure dependent
phenomenon caused by dissolution of certain penetrant species within the polymer
matrix. The mobility chain increases and enhances inter-segmental mobility of polymer
chains [48]. Literature reports on membrane plasticization during gas separation is wide
and detailed [20,49,50,51,52,53,54,55]. Horn et al. [56,57] developed a carefully
experiment to explore the effects of the film thickness on CO: induced plasticization on
glassy polymers [56,57]. Results were used for physical aging evaluation. Plasticization
and physical aging phenomena are function of film thickness, aging time, exposure time,
pressure and prior history [58,59].

Plasticization, therefore, should be taken into account to correctly describe changes in

thermal, mechanical and gas permeation properties of the membrane [47,60,61].
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1.2. Membrane gas separation technology for industrial

application

Commonly in industrial scale gas separation processes, the main traditional technologies
used are cryogenic distillation, absorption and adsorption. The first method is generally
used in large scale oxygen/nitrogen enrichment from atmospheric gases. The separation
of components from the gaseous mixture occurs by liquefaction of the gases which are
distilled at cryogenic temperatures. In order to remove carbon dioxide and water from
natural gas, the absorption method is a suitable and well consolidated process. In this case
the separation is realized through gas-liquid contacting devices which enable the contact
between the gas mixture and a chemical or physical solvent. One or more compounds of
the gas mixture are absorbed and, consequently, the un-reacted or not absorbed species
can be separated from the mixture. Both cryogenic distillation and absorption are
complex, capital intensive, but cost competitive methods.

The adsorption isolates the component by contact between the gas mixture and a solid
characterized by a very high surface area. This type of process is used to produce high
purity gases or to remove impurity. However, switching this process from cyclic to
continuous, is challenging as the correspondent industrial plant requires more than one
adsorbent bed. New rules were discussed to replace the traditional industrial growth with
a sustainable one [4] and to applicate Process Intensification principles in many sectors
such as water, energy, food, health, etc.

Industrial plants adopt membrane technologies for several scopes such as the separation
of air components, separation of Hz from refinery industrial gases, natural gas
dehumidification, separation and recovery of CO2 from biogas and natural gas [62]. In

this century, other promising applications were largely investigated, such as the recovery
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of hydrocarbons, including olefins, paraffins, halo-hydrocarbons from waste gas streams
[63,64], H2, CH4 and hydrocarbons (C3+) from petrochemical gaseous streams.
Generally, the main classes of polymer membranes used in gas separation are Si-
containing rubbery polymers (silicone rubber, etc.), polyacetylenes, polynorbornenes, co-
polyimide siloxanes, para-substituted polystyrenes, Si-containing polyvinyl class
poly(vinyl trimethylsilane). Generally, the first three classes are considered appropriate
for hydrocarbons separation, whilst the other are often used in air and hydrogen
separation. In the last decades, the separation of air into nitrogen- and oxygen-enriched
streams is promptly rising up. The membranes used in this kind of separation, are
generally oxygen selective, obtaining the nitrogen rich stream in the high pressure side
(retentate side), and the Oz enriched stream at a low pressure in the permeate side. The
first literature study [65], reported a low O2/Nz selectivity of ca. 4, due to the close kinetic
diameters of both gases (nitrogen (3.64 A) and oxygen (3.46 A)). In this century in order
to enhance O2/N2 selectivity of the polymeric membranes, significant efforts have been
made and nitrogen separation by membrane systems is the largest gas separation process
industrially used. Thousands of compact membrane systems to obtain nitrogen gas are
installed in the offshore and petrochemical industry. One of the most popular manufactory
of gas separation membrane system for N2 is Air Products.

The available data show that the Air Products Norway industry has sold more than 670
PRISM® systems Nz for different ship applications, and more than 160 PRISM® systems
for offshore installations [66]. In December 2006, Air Products started with another
PRISM® production plant in Missouri (USA) [67]. One of the most famous user in this
field, is the Air Liquide [68] which installed in Dalian (China) a new air separation unit

with a capacity of 550 tons/day of oxygen. However, further improvements are on the
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way, as in Japan, where the Ube Industries [68] is enhancing the polyimide hollow fibres
production useful for nitrogen separation to introduce a number of ethanol refining plants
mainly in the USA and Europe, driven by the rapid increase in the demand for bio-ethanol
as an additive for oil products.

Besides the aforementioned plants, one of the most significant membrane system
technologists is the PermSelect® [69] which uses silicone membrane (PDMS). In this
system, the oxygen is approximately two times more permeable than nitrogen, therefore
the permeate is rich in oxygen and, consequently, the retentate stream is rich in nitrogen.
This system gives several advantages, firstly a high N2 purity is obtained from permeate
(>99.9%) and a retentate enriched in Oz with a low amount of N2 is attained.

For example, air with oxygen enriched with only the 9% of N2 can be useful for processes
where nitrogen has a ballast effect.

Recently, another goal was achieved by GRASYS Company by introducing a new
silicone membrane in the market. In addition, this popular manufacture company
industrialised a new configuration system with hollow fibre membrane modules (Figure

2) for several chemical industries, such as Exxon Mobile, ENI, Shell, Gazpron, etc.

The hollow fibre membrane system consists of two polymer layers: a porous and a
rubbery polymer one. The latter is the separation layer. The composition of the fibre is

similar to the above mentioned PermSelect® technologies.

The Figure 3 shows the PermSelect plant used [70] to the air separation and enrichment

nitrogen stream by in-fibre air injection configuration.
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Figure 3— Scheme of PermSelect plant for the air separation and enrichment nitrogen stream [70].

In detail, to remove the impurities, the compressed air is fed into the air pre-treatment
system as showed in Figure 3. In order to reach the right work temperature needed to
enhance the separation process, the pre-treated air is sent into an electric heater. Then, to
obtain the nitrogen enriched gas on retentate, the hot and compressed air is fed into the
membrane gas separation modules. This system is able to reach nitrogen gas purity
ranging from 90 to 99.9% and a nitrogen production capacity of 10 to 150 Nm?/h. This

type of plant developed by GRAYS is industrially adopted for production of inert gas
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mixtures from atmospheric air, to be used in chemical, petrochemical and petroleum
industry, as well as in food and pharmaceutical industries, microelectronics and other

sectors.

Several research groups moved the attention, also, to the H2 production due to the
increasing request from many industry processes in the framework of green energy. In
this century the increasing H2 demand encountered membrane technology because the
separation of hydrogen is the most important aspect in its production and because is a
cheaper process than the cryogenic distillation and PSA.

Permea PrismTM systems represent the first membrane devices used to separate
hydrogen in ammonia purge streams. To this aim, up to now several membrane processes
were developed i.e. from UOP with the Polysep systems and Monsanto with PRISM [71]
systems. In both cases, the membranes consist of a layer of PSF and PDMS. The PRISM
is nowadays the most popular (more than 500 plants used) membrane technology for
hydrogen system. This membrane system consists of hollow fibres (230 systems plants
in the world) [72]. The H2 recovery from ammonia stream is an essential part of the
ammonia synthesis process. This process produces inert by-products which accumulate
and requires purge streams. In this contest, the PRISM membrane systems is necessary
to treat the purge stream of the reaction system equipped with a water scrubber unit in
order to recovery ammonia. The gas stream is fed in a membrane gas separation unit with
hollow fibre design maintained at high pressure (110-130 barg). The starting gas presents
high concentration of hydrogen (about 66.5%) and nitrogen (about 22.2%). Obviously,
the scope of this unit is to obtain a stream enriched in hydrogen. The hydrogen recovery
occurs on permeate side of the hollow fibre membranes at lower pressure system (25-70

bars) reaching a hydrogen concentration of up to 94% and hydrogen recovery up to 90%.
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In order to reuse it inside the ammonia reactor, the retentate is fed to a compressor unit
and recycled to the reactor. In 1977, the PRISM membrane system was for the first time
developed and used for the SynGas (H2/CO) ratio adjustment. The syngas stream
composition presents 48% of hydrogen and 51% of carbon monoxide and the PRISM is
used to strip hydrogen out of the syngas in order to reduce the H2/CO ratio obtaining a
permeate stream with 88% of hydrogen and 11% about of carbon monoxide and a
retentate stream at very high concentration of CO (about 95%) [6].

Another user of this system are the refineries, interested to H2 recovery to reuse and for
environmental regulations. Generally, the hydrogen content in refinery purges and off-
gases ranges from 30 to 80% in a stream containing prevalent light hydrocarbons (Ci-Cs).
The goal needed to can reuse the H» enriched stream is with a purity of ca. 90-95%.
Unfortunately, in this process the crucial point is the difficulty to remove 4 mol of
hydrogen per mol of hydrocarbon. However, showing remarkable selectivities, at the
moment, the Prism™ system is the principal system available on the market suitable for
this kind of separation.

Recently, new technologies were developed by MTR, called VaporSep [73]. The
application of this system allows to increases the ammonia production of ca. 4-5% with
respect to the traditional one, maintaining the same gas feed to the reformer. The most
important advantages of this devices are a lower gas consumption, facile operations, mild
temperature conditions, simple installation and compact dimensions (6m length x 3m
wide x 2.5m height) [6]. Figure 4 and Figure 5 show the scheme of VaporSep [74] and
PRISM [75] technologies, respectively. In addition, downstream to the hydrotreater and
hydrocracking units the VaporSep [76] system is used for hydrogen capture, due to the

compact system and the high performance (Asian refinery, Figure 6).
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The industrial hydrocarbons separation are today performed successfully by using
membranes containing Si [6], mainly produced by MTR (United States) and licensees of

GKSS technology (Europe). The main industrial hydrocarbons separation are [77]:

e Ethylene recovery

e Polyolefin plant resin degassing

e Gasoline vapour recovery systems at large terminals
e Polyvinyl chloride manufacturing vent gas

e Natural gas processing/fuel gas conditioning

The silicone rubbery membranes (PDMS), having an adequate vapour/inert gas
selectivity for most of the applications and a high permeability which permit to obtain a
smaller membrane area with respect to glassy polymers, represent the highest
commercially diffused system. As discussed before, ethylene recovery is the principal

application of vapour separation membranes. In detail its use is necessary in the
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polyolefin resin process synthesis in order to separate the unreacted monomer and
hydrocarbon solvents from the reaction mixture and re-use the polymer. In the traditional
separation process, the monomer is stripped with hot nitrogen in a column known as a
“degassing bin”. The Now day, replacing the traditional process, is a membrane system
containing two membrane units in series where the off-gas from the “bin” is compressed

at 200 bar.

The compressed stream is sent inside a first membrane module which allows to obtain a
permeate current rich in propylene and a retentate rich in nitrogen (97-98%). The
propylene stream is sent back to the compressor, which through inter-cooled
compression, allows the propylene recover in condensed phase. Nitrogen-rich stream
(retentate), on the other hand, is sent in a second module in series, in order to recover
further hydrocarbons. Thanks to series-configuration N2 concentration increases up to
99%. This unit allows to recover about 450 kg/h of hydrocarbons [66]. Thanks to their
potentialities and simplicity, more than 50 units have been installed in the last 20 years

[78]
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Figure 7— Membrane recovery of hydrocarbon in a hydrocarbon/nitrogen plant [78].
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Similar membranes can be used in ethylene recovery from ethylene oxide production
cycle [78].

Ethylene oxide is synthesised through the catalytic oxidation of ethylene with 99.6% pure
oxygen. The mixture is fed into a scrubber to recover the ethylene oxide in the aqueous
phase. However, the gaseous stream is fed into the reactor, after removing the CO2 by
means of the basic stream with potassium carbonate. Owing to the argon, part of the
current is purged. The purge gas for a typical ethylene oxide plant contains approximately
20-30% ethylene, 10-12% argon, 1-10% carbon dioxide, 1-3% ethane, 50% methane and
4-5% oxygen (a similar current of purge is obtained in the synthesis of vinyl acetate). The
stream, therefore, is fed into a membrane system, which allows the permeation of
ethylene, which can be sent back to the synthesis reactor. The retentate enriched in Argon

comes to purge.

Membrane application became recently very important in the field of gasoline vapours
recovery. Several hundred retail gasoline station used small membrane system vaporous
hydrocarbon recovery during the transfer of hydrocarbons from tankers to holding tanks
and then to trucks. there are two main issues related to vapour emission. The first one is
due to environmental and health problems. Usually, hydrocarbon concentration in the
emitted gas is in the range 10-30%. This is very dangerous because this concentration of
hydrocarbon in air could cause explosions. Thanks to the collaboration between OPW
Vaporsaver (system builder) and MTR (PDMS membrane producer), a hydrocarbon

recovery system has been developed that reduces emissions up to 95-99% [78].

The volatile organic compounds (VOCs) recovery is an important application in the

chemical [79] and petrochemical industries [6].
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As process discussed before, MTR [6,80], OPW and Vaporsaver have developed plants
that use silicon rubber (PDMS) and PTMSP polymer membranes which exhibit higher
VOCs/air selectivity. VOCs separation through membrane technology has two large
advantages, in addition to those typical of membrane technology, which are the low
maintenance request and the low operating costs of the utilities. In particular, VOCs are
removed from the air stream and condensed into a concentrated liquid (volume
reduction). Moreover, even if you don't want the recovery and reuse of VOCs is not
required, the stream at higher VOCs concentration recovered is more flammable with

respect to the feed stream, so it can be more easily burned.

For example, the MTR plants allow to recover the VOCs, obtaining an air current with
less than 10 ppm by weight of VOCs [80]. The technology uses composite membranes
characterized by a microporous layer coated with a dense selective layer in spiral units.
The modules can be connected in series and/or in parallel, according to the process
requirements. The power supply is previously compressed (~13 bar) and sent to a heat
exchanger [6]. Owing to temperature reduction in the heat exchanger, the air is
dehumidified (the initial vapour content is 1-2%). The stream is fed into a membrane
separator where the VOCs are recovered in the permeate. In the other side, the stream at
lower VOC:s (retentate) concentration than the feed is fed in a second membrane unit. The
enriched stream is recycled to the process. The permeate obtained from the first separation
module is fed to a condenser which allows to recover the VOCs in the liquid phase. The
residual stream is fed in a third membrane module. Here the permeated current is recycled

to the module, and the retentate is fed to the head of the process.
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Figure 8 — Membrane recovery of VOCs for clean air production by air/VOCs mixture [80].

CO2 industrial application emerged in the last years. Particular attention has been focused
on COz separation from natural gas [81], by using commercial or lab/pilot-scale devices
[82]. Membrane technologies is one of the most promising implemented technology for
the CO2 removal and CH4 enrichment. Even if membrane technologies do not ensure the
same CO2 separation efficiency demonstrated by traditional technologies (e.g. amine
absorption), other advantages can be displayed. Polyimide and cellulose acetate
membranes are the most common used in industrial plants [83]. Polyimide was
commercialized by DuPont and Ube Industries Ltd. for hydrogen recovery and,
subsequently and successfully, used for CO2 separation [81]. UOP, instead, developed
commercially cellulose acetate membrane which is considered the best industrial
membrane solution for CO2/CHs separation [83]. Industrial membrane plant for CHa

enrichment from natural gas consists in two membrane unit (Figure 9).

30



Membrane Unit

Feed gas at
10% of CO,

>
Y

Membrane COx<2%

T

Membrane Compressor

Membrane Unit

CH,loss lower
than 3%

Figure 9 - Scheme of natural gas sweetening membrane based technology [82].

Another important application of CO2 separation for CHa4 enrichment is the biogas
treatment. One of the most important problem is due to H2S and water and pre-treatment
is needed in order to avoid membrane failure. The main aim in the biogas separation is
represented by a process to achieve simultaneously high CHs concentration and low CHa
loss. Various pilot and pre-industrial plants have been developed in recent years in order
to test membrane performance over long periods in biogas separation. Two relevant
membrane-based technology for biogas separation are installed in Europe. In Norway a
carbon membrane module was exposed to 10 Nm*/h of a raw biogas stream (CH4 of 63%,
HzS about 1 ppm and CO: less than 37%). The plant showed a stable separative
performance during the test, reaching CH4 concentration of 96% and CH4 recovery of
98% [81]. Tecno Project Industriale srl (SIAD group) installed in Italy an innovative

membrane based plant for biogas treatment coming from biomass digestion (Figure 10)
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[84]. The membrane modules adopt polyimide membranes commercialised by Evonik
Group. The plant can treat up to 4 10° tons per year of biomass with a biogas generation
capacity of 6 10° m’/h [84]. The pre-treated stream is fed into three-stage membrane
system. The retentate of the first stage is CHa rich, while the permeate is rich in COz. The
CHa stream is fed in a second membrane stage where the retentate reaches the required
composition by the bio-methane standards, while the permeate stream in recycled to the
feed of the first stage. The permeate of the first stage is fed in a third membrane stage.
Then, the COz-rich permeate is recovered. The retentate is fed in the feeding of the first

stage.

First Membrane Second Membrane

Unit Unit
Biogas

- > > ———» Bio-Methane

WMembrane | Membrane

Third Membrane
Unit =0

Membrane

L Bio-CO,

Figure 10 — Scheme of the membrane system installed by Tecno Project Industriale srl in Italy.

Pre-combustion COz separation is currently applied in oil refineries [81]. Pre-combustion

separation is based on COz capture and it involves three stage: 1) CH4 or coal converted

into SynGas (CO and Hz), 2) CO transformed into CO2 and Hz via water gas shift reaction

and 3) Hz enrichment thanks to CO: separation [85,86]. Generally, membranes used in
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pre-combustion applications are inorganic membranes, ceramic and metallic. Both CO2-
selectivity and Hz-selectivity membranes are adequate for separation process. Regarding
dense metallic membrane, the most important application is in the water gas shift where
Pd-based membranes for H2 separation from reaction system are used [87]. Pd-based
membranes show very high Ha selectivity but they suffer contamination and poisoning
by H2S, CO and other compounds such as unsaturated hydrocarbons.

With respect to the pre-combustion separation, post-combustion separation has, already,
a higher application in the chemical industry. An important Europe action (Nanoglowa
project) started in 2006 and coordinated by KEMA Nederland BV shows the potentiality
of COz capture and separation from flue gas using membrane technology [88]. In 2011,
two COz capture power plants were integrated in power plants in Germany and Portugal.
The membrane modules use the fixed-side carrier (FSC) membranes which showed a
permeance of 5 m* (STP) m™ h'! bar! and CO2/N: selectivity higher than 1000 [89].
Similar pilot plant was installed in Norway for stream treatment containing CO2
concentration up to 17%. The plant was integrated in a cement industry and uses poly-
vinilamine (PVAm) membranes and they showed stable separative performance also
under high SOz and NOx concentration exposure in long time [90]. The Helmholtz
Zentrum developed a membrane plant for CO2/N2 separation based on ionic liquid
membranes. The future direction for membrane based CO:2 separation development in
industrial application is based on a cost reduction. US department of energy’s (DOE)

targeted the aim at reduction cost up to 20 $ per ton of CO2 [91,92].
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1.3. Process intensification

Since the last century, the scientific community and the chemical industry are focused
particular attention on several trials in order to reduce the energy consumption, the waste
generation, and to enhance the environmental and economic aspects of the process. In this
context, the Process Intensification (PI) appears a valid and promising methodology,
largely studied in the last twenty years [93,94,95,96] in reactive distillation, rotating
packed beds, and microreactors. In all of these processes some aspects can be improved
such as in the reactive distillation case, where the reaction and separation occurs by filling
a distillation column with a catalyst [97], in order to simultaneously remove the vapour
products from a boiling reacting mixture [98]. Even if in this process, the equilibrium is
generally draw to reach high conversions [99], the application of PI can, in one hand,
minimise the energy request (80%) and the investment cost (20%) [100], and, in the other
hand, improve both global reaction rates and selectivity of reactive distillation [101].
Similar situation is that of rotating packed beds, where, by means of centrifugal
acceleration, the mass-transfer limiting steps can be overcome [102]. Inducing centrifugal
acceleration on the packed beds reactor increases the volumetric mass transfer coefficient
of 1-2 orders by uniform dispersion and high turbulence [103]. This device, compared
with the conventional one, decreases the required volume [102]. Similar improvements
could be reached in the case of microreactor design by a PI point of view. This kind of
reactors are characterized by a micrometric size and a low reaction volume to surface area
ratio, which consents to obtain both high heat transfer rates [104] and reaction
temperature control [ 105]. The great results achieved in this century induced the scientific
community to formulate also the Process Optimization and Process Synthesis

methodology. Briefly, the first provides a significant advancement in the speed and
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robustness of NLP and MINLP algorithms [106] and modelling environments enabling
the formulation and solution of large-scale optimization applications [107]; the PS offers
great improvements in synthesis tools and techniques, mostly for heat exchangers and
separation networks[106]. It appears clear that all of these processes investigate several
aspect, but their improvements and developments are correlated by the same methodology

that can be applied, as reported the Table 1 [108].

Table 1 - Basic features of Process Optimization, Process synthesis , Process Intensification [108]

AIM FOCUS Interdisciplinary
Process Performance improvement of | Model, numerical Weak (interface with applied
method
optimization existing concepts mathematics)
Process Model (mostly applied
Multiscale integration of
system Model software mathematics, informatics,
existing and new concepts
engineering chemistry)
Development of new Experiment, Strong (chemistry and catalysis,
Process
concepts of process steps and phenomenon, applied physics, mechanical
intensification
equipment interface engineering, material science)

PI was generally defined as “process development leading to reduction in equipment size”
[109]. Nevertheless, nowadays the PI meaning include also business, process, and
environmental aspects [109] and it is regarded as a holistic approach to improve a process.
Methods adopted to perform a PI, Process optimization and Process system as well are
classified into heuristic (and knowledge-based), mathematical optimization, and hybrid
approached. The heuristic approach is characterized through rules on procedures grown
by experience and process insights at the unit operations scale [110] confirmed by

simulation or experimentation. Data models, data mining models, and application models
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are the main categories of the heuristics approach. In general, this method aims to
understand and consequently to recommend the possible enhancements for target
processes [111].

Membrane systems is one of the most promising technologies for industries growth in
terms of PlIs [112]. Thanks to the intrinsic properties of membrane processes, membranes
can be replaced to conventional energy-intensive techniques in order to increase
processes efficiency. Two different approaches are used to compare membrane
technologies and traditional ones: exergy analysis way and PI indicators. Exergy is an
energy contribute which takes into account the amount of entropy produced into the
physical and/or chemical transformation. The exergetic efficiency of a process is based
on calculation of entropic loss (or production of entropy) [113] and it allows to evaluate
the lower work obtained or a higher work required in a process.

Various PI indicators have been developed in the past years which evaluate their impact
on environment, economy and society [114,115]. Both development of new membrane
systems and improvements of membrane properties resulted in a wide membrane
technology application. For example, the water deoxygenation step in the electronic
industry for semiconductor manufacturing is today carried out by membrane contactors

[116]. Membrane contactors find application also in the beverage market [113].
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1.4. Aims of the thesis

The membrane gas separation overview discussed up to now testify the increasing
attention of the industry for this technology. Up to now, high free volume PDMS or
organic polymers have been used in industrial plants. The main aim of this dissertation is
to evaluate the possibility to apply membrane technology to industrial gas mixture stream

treatment.

The starting point of the dissertation was to identify the transport and separative properties
of new materials, such as polymers to intrinsic microporosity (PIM), and investigate new
methods and operating conditions to characterize the materials. Particular attention was
focused on CO: separation, especially, in the flue gases separation. The material
characterizations were carried out by following two approaches: adsorption and diffusion
analysis of innovative solid material and membrane permeation characterization. One of
the most important challenges in terms of material characterization for gas separation is
the measure carried out at high pressure. The permeation measures on the membrane
module were carried out and the separative performance was calculated. Particular
attention was focused on polymers known also for industrial application, such as

Matrimid, and new polymers, as mentioned before, like PIMs.

In the second part of the dissertation, industrial applications of membrane separation were
investigated. In the first case, the problem of humidity in CO2 separation was studied
which is an important issue in CO:2 separation and CH4 enrichment by natural gas and
biogas streams. With the aim of membrane separation industrial application,

trichloroethylene mixture separation analysis was carried out.
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The results discuss in the dissertation will not only provide essential data for the
membrane industrial application, but also an optimization of traditional technologies in

terms of process intensification.
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2.Fundamentals

2.1. Basic principles of dense membrane gas separation: Solution-

Diffusion Model

Today, the solution-diffusion model is the most appropriate model accepted by the
scientific community to describe the trans-membrane transport in dense membranes. The
model is valid for different separation processes (dialysis, reverse osmosis, gas
permeation and pervaporation) and this makes the solution-diffusion model a unified
approach [1]. The model assumes that the gas is adsorbed on the surface of the membrane
and, diffuses under a chemical potential (concentration, pressure gradient and potential)
within the membrane. The separation between the species takes place thanks to the
difference of concentration of the species and diffusion rate through the material.
Therefore, the solution-diffusion model consists in a three-steps process for gas transport
through a polymer: 1) gas adsorption and solution in the membrane matrix in the high
pressure side (or high chemical potential); 2) gas diffusion through the polymer; 3)
desorption from the low-pressure side (i.e., low chemical potential) [117].

The solution-diffusion model is based on two fundamental assumptions (shown in Figure

11):

1) The gas inside the bulk of the fluid phase is in equilibrium with the gas adsorbed
at the interface of the membrane and so, the chemical potential between the
adsorbed gas and that in the fluid phase are equal (uf“**=ple™P) As a
consequence, adsorption and desorption gas rates are much faster than the
penetration rate through the matrix, making diffusion the rate-determining step of

the process.
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2) The second assumption is that the pressure inside the membrane is uniform and

that the potential difference, therefore, is due only to the difference in gas activity.

The gas flux through the membrane is shown in Eq. 1, where % is the gradient in

chemical potential of the component

311
1

of proportionality (not necessarily constant).

along the membrane axis and Li is a coefficient

Restricting ourselves to driving forces generated by concentration and pressure gradients,

the chemical potential can be written according to Eq. 2.
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Figure 11 — Driving force and concentration gradient through membrane according to solution-

diffusion model.
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Combining the first assumption (u?**=y"e™b-) previously reported and using ideal gas
flow, the integrated Eq. 2 becomes Eq. 3 which, in turn, can be rearranged into Eq. 4. vi
is the molar volume of “i” dissolved in the membrane phase and not the molar volume in
the gas phase [1]. Therefore, vi is approximately close to the molar volume of liquid “i”
and the exponential terms (Poynting correction) is close to 1. Moreover, partial pressure
of “1” in the retentate phase is obtained by combining the retentate pressure and

concentration of “i” in the retentate phase. This simplification affords Eq. 5. By defining

Yiret

memb. ,sat. >
i,ret i

K, the sorption coefficient, equal to the term Eq. 5 can be written as Eq. 6.

The concentration of the i-specie at the membrane/permeate interface follows the same

mathematical analysis and results are reported in Eq. 7.

41



memb. _ retentate
iret. — Si p; Eq- 6

memb. _ permeate
Ciper. = Si p; Eq.7
memb. memb.
J, = Di(¢irer. — Ciper. Eq. 8
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Eq. 8 is the Fick’s law, where [ is the membrane thickness and Di is the i-specie diffusion
coefficient. The equation is a different mathematical interpretation of Eq. 1. Combining
Eq. 6, Eq. 7 and Eq. 8, the widely used gas membrane permeation equation (Eq. 9) is

obtained, where the permeability Pei is defined as the product between the diffusivity (Di)

and solubility (Si).
]. _ DiSi(plretentate _ pgﬂermeate) _ Pei(plretentate _ plpermeafe) Eq. 9
i

l l
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2.2. Membrane separation performance measurements method

The membrane performance can be analysed in terms of permeating flux (Eq. 10) and
permeance (Eq. 11). The first parameter is defined as the ratio between the permeate flow
rate and the active membrane area available for the gases permeation. The permeance is
the straight line slope, passing through the origin of the axes, i.e. the ratio between the
permeating flux and the driving force. The driving force (Eq. 12) is the partial pressure
difference of the penetrant species. The selectivity (Eq. 13) defines the separation
performance of the membrane, showing the capabilities of the membrane of separating
two different gases. In particular, it is defined as the ratio between the permeances of two

gases.

Permeate flow rate;
AMembrane

,dm3 (STP) m—Z h—l Eq 10

Permeating flux; = J; =

Permeating flux;

Permeance; = — ,dm3 (STP) m™2 h™! bar™? Eq. 11
Driving force;
Driving force; = AP, = pfeed — pPermeate pqy Eq. 12
Permeance; Eq. 13
Selectivity;, = ———— q
/j Permeance;

Two experimental methods for the measurement of the membrane separative
performances are used: pressure drop and concentration gradient method.

The pressure drop method is used for the permeation measurement with a single gas. In
the pressure drop method, an absolute pressure difference was applied through the
membrane. The retentate side is closed and the trans-membrane pressure difference (AP)

is set by controlling the pressure at the feed side by means of a forward pressure
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controller, keeping atmospheric the permeate side pressure. The membrane module is
placed in the oven for temperature control and the permeate stream, for its evaluation, is

fed to the bubble soap gas flowmeter (Figure 12).

Red uction :
Vv Heating Oven
Membrane
T Module
ok ) =
Feed . e
Back Pressure o
Controller I
Single Gas y
Cylinder Permeate B

Figure 12- Experimental plant scheme for single gas permeation measurements (Pressure drop

method).

Figure 13 schematically shows the experimental set-up for permeation measurements on
mixtures of gases (concentration gradient method). The gas mixture was fed to the
membrane module by means of mass flow controllers, opportunely tuned for assuring a
set composition of feed flow rate to the membrane. In the case of wet mixture, the dry
feed stream is fed in the humidifier. In any case the retentate line is open.

A back pressure regulator on the retentate line and a manometer on the feed line allow
the required trans-membrane pressure difference to be operated and measured in the
membrane module. The retentate and permeate flow rates were measured by means of
two soap bubble gas flow meters. The retentate and permeate flow rates were analysed
with a gas chromatography (in the permeation measurements on mixture gases that will

be discussed in the chapter 4, Agilent 7890A GC was used).
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Figure 13 - Schematic of concentration gradient method experimental set-up used for measuring
mixed gas permeation properties of membranes: MFC, mass flow controller; GC, gas

chromatography.

An important analytical method to characterize membranes, which was not used during
this doctoral research activities, is the time lag method which can evaluate diffusion,
solubility, and permeability coefficients from a single experiment [118]. Owing to the
nature of the measurement, transport parameters can be directly obtained [119]. The
method has been applied to study permeation phenomena in terms of diffusion and
adsorption in polymeric and porous membranes, respectively [119].

The time lag method is based on the determination of the "delay" () obtained from the
time difference observed between the beginning of the measurement, when the gas starts
to enter the membrane and, the time in which the permeate gas flow is constant.

The diffusivity is calculated as reported in Eq. 14 for a slab sample with thickness “I”.
Assuming the validity of Solution-Diffusion mechanism, the solubility is calculated in

Eq. 15, at known permeability “P”.
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Diffusivity D=— Eq. 14

P
Solubility S=5 Eq. 15




2.3. Mathematical models for membrane unit design: 1-D model

for the multi-species steady-state permeation

Several studies [120,121,122,123,124,125,126,127,128] developed models to understand
and predict the membrane gas separation phenomenon. In this thesis, the model developed
by Brunetti et al. [27] will be taken into account due to its easy and flexible application.
1D dimensionless model for the multi-species steady-state permeation in no sweep mode
and co-current configuration is discussed. The model was developed and already
validated elsewhere [27]. The membrane gas separation devices have been studied and
the influence of different parameters affecting the membrane system performance has
been introduced in terms of general maps (will be discussed below).

Figure 14 shows a schematic membrane system for mixture gas separation system. The
model was developed by using plug flow fluid dynamics along the membrane. The
mixture gas flows down on feed side along membrane to retentate side. The mixture
follows two ways: one part goes through the membrane layer and it is recovered in the

permeate side, the rest in the retentate is recovered.
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Figure 14 — Membrane system geometry for model development.

In the case of binary mixtures (a CO2/CHa mixture is used here) the model consists of a
system of 2 ordinary differential (for the retentate side) and 2 algebraic (for the permeate

side) equations, i.e. Eq. 16-19 [27].

Feed/Retentate side

dgoggtentate
2 — Retentate __ ,.Permeate
dq = —0co, (<159Cco2 Xco, ) Eq. 16
Retentate Feed
ngCH4 — _ Xco, 1 0 (¢xRetentate _ xPermeate)
dq Feed g0 CO, CH, CH, Eq. 17
2
CHy /CH4
Permeate side
Permeate _ ,,Feed Retentate
Pco, =®Pco, — Pco, Eq. 18
Permeate _ ,,Feed Retentate
(pCH4 - (pCH4 - (pCH4 Eq' 19
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In the equations @¢p,and @cy, (Eq. 20), are the dimensionless molar flow rates in the
feed, retentate and permeate, and ¢ (Eq. 21) is the dimensionless module length. 6, (Eq.

22) and ¢ (Eq. 23) are the permeation number and pressure ratio, respectively.
Permeation number is a dimensionless group representing the ratio of permeating flux
through the membrane and the convective flux fed to the membrane module. Higher
permeation number corresponds higher residence time for the stream and higher
permeation through the membrane than total flux along the module.

Pressure ratio is a dimensionless group representing the feed/permeate pressure ratio.

_ Qco,
Pco, = Qg(e)ed
2

Eq. 20
_ Qca,

PcHy, = LFeed
CH,

Eq. 21

S~ N

Permeance,,, AMeémbrane ppermeate
2

€O, = Feed eed
Xco, Q'

Eq. 22

PFeed
p=—r Eq. 23

- pPermeate

Feed composition, membrane properties (such as CO2 permeance and CO2/CHa
selectivity), module geometry (total membrane area and module length) and operating
conditions (feed flow rate and pressure) fix the equation solutions in term of
dimensionless flow rate profile along the module dimensionless length for both

membrane sides (feed/retentate and permeate side). Species concentration and its
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recovery in both membrane sides can be easily calculated. As a consequence, overall
membrane module performance in terms of final species purity and total recovery can be
obtained. Thanks to the dimensionless solution, variable membrane properties
combination, module geometry and operating conditions lead to the same solution for the
membrane system (dimensionless species profiles along the membrane module and
overall membrane module performance). Table 2 reports the feed composition and
operating condition used in this section for following maps. A binary CO2/CHs gas
mixture separation was simulated at pressure ratio of 10, 50 and 100 and CO2/CH4

selectivity of 1, 5, 10 and 50.

Table 2 — Feed condition and operating parameters

CO2:CHa4 feed composition, % | 50:50

Pressure ratio, bar 5, 10, and 50

CO2/CHa selectivity, - 5, 10 and 50

Figure 15 displays global maps showing all the possible solutions for CO2:CH4 feed
composition of 50:50, pressure ratio of 50 and CO2/CH4 selectivity of 5, 10 and 50. In
particular, CO2 permeate and CHa4 retentate concentration are plotted as a function of their
recovery for different CO2/CHa4 selectivities and fixed pressure ratio of 50. All the curves
at constant CO2/CHa4 selectivity follow the same trend: at high CO2/CHa4 selectivity
correspond higher CO:2 concentration in the permeate side. Same behaviour is shown for
CHa concentration trend. Increasing the CO2/CHa selectivity, the curves move up, which

means that a higher purity is achieved at the same CH4 (or COz) recovery.
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At a given permeation number (Figure 15, dashed line), higher CO2/CH4 selectivity
allows higher CO2 permeate concentration while the CO:2 recovery decreasing. At higher
CO2/CHs selectivity the membrane allows a better separation between CO2 and CHa
(higher purity for CO2 and CHa4 in permeate and retentate, respectively). The partial
pressures difference of each species reduces along the membrane length. As a
consequence, the permeation driving force is lower (lower permeation flow rate) and the
same recovery is reached at higher permeation number. This effect is more evident in the
right side of the CO2 concentration trend (Figure 15, above) where the driving force is
lower with respect to the feed side.

As showed in the upper part of Figure 15, all the curves converge always to the CO:2 feed
composition at total recovery.

The space of solution for different membrane selectivity at a given pressure ratio can be
divided into two spaces: at low CO2 recovery, the CO2 permeate concentration is strongly
affected by the CO2/CHa4 selectivity and at high CO2/CHas selectivity higher CO2 permeate
concentration can be obtained. In the second space, the membrane selectivity does not
affect the membrane separation performance and the permeate concentration is controlled

only by the pressure ratio.
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52



Figure 16 shows the effect of CO2/CHa selectivity (CO2/CHa selectivity of 5) at different
pressure ratio of 5, 10 and 50. At higher COz recovery, the CO2 permeate concentration
approaches asymptotically a limit trend, converging to the feed composition. On the other

side, CHa4 recovery reduces and the CH4 concentration in the retentate increases.
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Figure 16 — CO; permeate concentration and CH4 retentate concentration as a function of CO,

and CH4 recovery, respectively. Pressure ratio of 50; CO,/CHj selectivity of 5, 10 and 50.
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2.4 Process Intensification Metrics

Criscuoli and Drioli [113] reported the role of membrane operations for re-designing
industrial productions in the logic of the process intensification. Particular attention is
focused on the use of metrics for the quantification of productive and environmental
parameters. Membrane and traditional operations were compared using new metrics. One
of the most important aim for innovative chemical plants is the maximisation of
productivity/size plant ratio. The first metrics proposed by Criscuoli & Drioli [113]
(productivity/size plant ratio) compare the membrane plant productivity/size ratio with
traditional plant productivity/size ratio (Eq. 24). Similarly to the metric PS (Eq. 24), it is
possible to define the same parameters as a function of weight (productivity/weight plant
ratio, Eq. 25) and not of the volumetric size. This metric is particularly important for

offshore plants or for plants that must be built in remote areas.

Productivity
: membrane
PS =g [size ( ) Eq. 24
ro uctlvlty/SiZe (traditional)
Productivit
oy y /weig pt (membrane) Eq. 25
~ Productivit e
y/weight (traditional)
_ Productivity, Ea. 26
~ Productivity, 4
area, — MI) (membrane
M= ( /area1 ) ( ) Eq. 27

(areaz/areal — MI) (traditional)

Modularity index (Eq. 26) is evaluated as a function of change of productivity. It is

defined as ratio between two productivities at different plant productivity configuration.
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Modularity takes into account the changes of the plant size due to variations of the plant
productivity (Eq. 27). This metric compares the variations of the area (for membranes)
with those of the volume (for conventional systems). The membrane system has a higher
modularity if the modularity metric is lower than 1; modularity values higher than 1 are
in favour of the traditional system.

The application of metrics will be shown in the following chapters in order to compare
the production potential of integrated membrane processes and traditional processes (6.

Membrane Integrated Process for Trichloroethylene Mixture Separation).
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3.Kinetic model for high pressure adsorption

measurement

As discussed in Section 2.1, adsorption and diffusion are the fundamental stages of
membrane separation in dense membrane [1]. Therefore, the knowledge of the properties
of membrane materials is required to design and predict their behaviour in relevant
applications. In recent years, high microporosity membranes, enabling high trans-
membrane flow rates, and mixed matrix membranes have gained increasing interest. In
particular, the latter display selective performances and high adsorption capacity thanks
to the inclusion of micro- and/or mesoporous particles within the polymeric network.
Controversial reports have been published on these membranes as far as the sorbent
capacity is concerned. Consequently, their application has been limited by a diffused
scepticism among the scientific community [129]. The demanding synthesis procedures,
the different experimental conditions, and the difficulty in carrying out high pressure
adsorption measurements (up to 140 bar) on small samples (~100 mg), are the main
reasons for the discrepancies reported in the relevant literature [129].

The research activity described in this Chapter has been carried out at the University of
Edinburgh under the supervision of Dr. M.C. Ferrari and Prof. S. Brandani. The aim of
the research was to develop a kinetic model for the accurate analysis of diffusivity and
sorption of high pressure gas on porous matrices in Sieverts volumetric systems [130].
Volumetric systems (as Sieverts apparatuses) are flexible devices used to accurately
evaluate adsorption phenomena (equilibrium analysis) and kinetic diffusivity (dynamic

analysis) [131].
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T control

Dosing cell Uptake cell

Figure 17 - Sieverts schematic apparatus [130].

Figure 17 shows the scheme of the Sieverts apparatus used in this work. It basically
consists of two volumes, dosing and uptake volume, separated and isolated by means of
a valve.

The dosing cell is the section in which the gas is pressurized, while the uptake cell is the
cell containing the sample upon which adsorption takes place. During adsorption
experiments, the pressurized gas flows from the dosing to the uptake cell, which is at
lower pressure and where gas adsorption occurs. During desorption measurements, the
dosing cell is at lower pressure than the uptake cell, thus the gas flows backwards and gas
desorption from the sample occurs due to pressure reduction. During the transient phases,
both during adsorption and desorption steps, kinetic parameters such as gas diffusivity
and global heat exchange coefficient can be evaluated. At the equilibrium, instead it is
possible to calculate the absolute amount of gas adsorbed [132]. Pressure and temperature
have been monitored and recorded both during transient and equilibrium phases and in

both the dosing and uptake volumes. The main parameters intervening are the volumes
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of the two sections and the mass of the sample, which can be determined by means of
helium expansion tests.

Owing to the non-ideality of the system studied, the Redlich-Kwong cubic equations of
state (EoS) have been used to simulate the gas behaviour at high pressure. EoS parameters
were evaluated from to National Institute of Standards and Technology (NIST) database.
By combining EoS, material and energy balances, adsorption constitutive equation, etc.
it 1s possible to develop a kinetic model describing the gas diffusivities in the solid

material network.

3.1 Introduction

As discussed before, one of the most important social issue is the global warming effect
caused by the excessive emissions of greenhouse gases, especially CO2, into the
atmosphere. The main activities contributing to this problem are related to the generation
of energy from fossil fuels, but also to the cement production, refining, petrochemical,
iron and steel industry, and transports. The most important technology available to
mitigate CO2 emission is based on carbon capture and storage (CCS). In this framework,
understanding the CO2 adsorption onto microporous solids is a relevant task in the fields
of gas separation, gas purification, but especially for environmental remediation
[133,134]. Zeolites, activated carbon, metal organic frameworks (MOFs), carbon
nanotubes and nanofibers have been recently considered as promising high-capacity
sorbent materials.

Thanks to the high adsorbent capacity demonstrated in several studies [135,136,137,138],

zeolite 13X is one of the best commercial zeolites for post combustion applications and
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it is very often used as benchmark to compare other materials potentially applicable for
COz separation processes.

Even if data reported in literature from different research groups [139] are often
controversial, most of them agree on the accuracy improvement obtainable by using
volumetric systems. In this regard, many studies focused on minimizing the uncertainties
on the system variables and increase the sensitivity. Particular sensitivity problems arise
when light gas adsorption is considered, due to the significant experimental errors
[140,141]. Measurements carried out in volumetric systems [142] showed remarkable
problems about adsorption errors and discordant data [143,144]. Two types of Sievert’s
volumetric systems are generally used: the first one is based on single manifold and only
total pressure analysis [145,146,147,148,149,150], while the second type is a differential
unit, i.e. two mirror-image single-sided units connected via a differential pressure
transducer which are studied simultaneously [151,152,153]. For small sample volumes,
many uncertainties during the measurement occur, such as errors detected in the dosing
and uptake volumes, uncertainty in the calibration of the volumes once the sample is
loaded, possibility of significant variation of the sample mass during the pre-treatment,
and weighing difficulty due to the sensitivity of the scales in-situ. Tibbetts et al. [129]
have shown how these problems are even more evident in high pressure measurements.
Thanks to the use of a differential transducer, the differential unit differs from the single-
volume unit for greater accuracy. Using a differential transducer allows to decrease the
measurement scale by 10 times compared to an absolute one, thus making the

measurement 10 times more sensitive [142].

59



3.2 Method

3.2.1 Sieverts experimental apparatus

Figure 18 shows the scheme of the experimental apparatus used for the kinetic and
adsorption tests on microporous materials [154]. The system is composed by five
sections:

1. Feed section: Gas is fed by a pressure cylinder regulated by its supplied reducer.
The storage cylinder can be sectioned from the rest of the system through the V01
valve.

2. Ventsection: A section which bring the system from high to atmospheric pressure.
3. Vacuum section: Vacuum pump bring the system to a pressure lower than
atmospheric pressure.

4. Dosing section (dashed blue line reported in Figure 18).

5. Uptake section (dashed red line reported in Figure 18).
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Figure 18 - Schematic Volumetric adsorption unit used during kinetic and adsorption

measurements.

The dosing cell volume can be determined by expanding a known quantity of gas and,
knowing gas density and temperature, by measuring the volume through the pressure
displayed on the pressure transducer.

Once the dosing volume is determined, the uptake cell volume, Vv, can be found with a
helium expansion from the dosing section, when a certain pressure is achieved, to the
uptake cell. The moles of gas in the uptake and dosing sections at the equilibrium can be
calculated through the state equation of gas, by taking into account the non-ideal gas
behaviour, and by using the gas density from the NIST Webbook and the measured
pressure and temperature.

Selected gas is fed from the cylinder to the pre-dosing volume through the valves V01
and V10. Once the pre-dosing line section is filled, the valve V03 is opened, in order to

fill the dosing volume up to the desired pressure. The pressure is controlled through two
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different absolute pressure indicators with different reading ranges (Table 3), in order to
improve the accuracy of the analysis in the studied pressure ranges. The correct pressure
in the dosing is regulated either through the V13 valve, when working at pressures higher
than the atmospheric ones, or through the V11 and V12 valves, which supply the gas to
the vacuum pump (Table 3). Once the gas has been correctly loaded into the dosing
volume, the gas expands into the uptake volume by opening the V02 valve. Thereafter,
the pressure is reduced in the dosing volume and consequently increases in the uptake
section. By following the transient phase of gas expansion within the uptake volume, it is
possible to investigate all the gas diffusion kinetic parameters through the adsorbent
matrix and both the heat exchange coefficients.

After the equilibration, i.e. when pressure and temperature values are constant, the cells
are disconnected from each other by closing the valve V02 and the manifold is re-
pressurized. As the temperature is constant, each amount of adsorbed or desorbed gas at
a certain pressure defines a point of an isotherm of adsorption or desorption, respectively
(Every step defines a point of isotherm).

Adsorption measurements can be represented by three different steps in which the

adsorption, desorption and regeneration of the sample are studied.

Table 3 — Instrumentation used in adsorption apparatus

Vacuum pump Triva E2

MKS instruments:
Pressure transducers 127AA-25000B (up to 33.3 bar)

127AA-01000B (up to 1.33 bar)

Thermostatic bath Jencon-PLS
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Julabop F25-MA (-28 - +200 °C)

Thermocouples reader Tenna 72-2065 A

Furnace Custom made (from 0°C to 350°C)

The volume of the dosing is:

For pressure range up to 1.33 bar, V1p=83.299 cm?

For pressure range up to 33.33 bar, Vyp=67.316 cm?
Volume difference as a function of pressure range is due to the interception of the low
pressure transducer (higher pressure than 1.33 bar could damage the membrane) via the
V07 valve (Figure 5) with a consequent reduction in the available volume. Thanks to the
pressure reduction during gas expansion in the uptake section, it is possible to evaluated
the exact uptake volume.
As mentioned before, the moles that have to be in the uptake section at the equilibrium
can be calculated through the gas equation of state, by taking into account the non-ideal
gas behaviour.
Zeolite 13X pellets (UOP Honeywell International Inc, type 13X APG 8X12) have been
used to test gas adsorption.
Metallic beads (1/8 " diameter) were used to reduce the free volume in the uptake section.
A lower free volume allows to maximize the gas volume adsorbed on the sample and,
consequently, to enhance the accuracy of the data due to the greater pressure difference
observed through adsorption. Using metallic fillers instead of glass or other inert
materials allows to quickly disperse the generated adsorption heat and to reach fast

equilibrium conditions.
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Table 4 - Material properties of beads, sample and steel materials

Volume steel Sample
Beads Thermocouple
Dosing Uptake (zeolite 13X)

Density, kg m3 7990 7990 7990 1650 8610
Heat capacity, J 500 500 500 920 23

kg! K!

Void degree, % N.A. N.A. N.A. N.A. 35.69
Tortuosity, - N.A. N.A. N.A. N.A. 2.2

Table 5 — All system components geometry (dosing, uptake, beads, sample and thermocouple)

Sample
Dosing Uptake Beads Thermocouple
(zeolite 13X)

Volume, cm® 83.23 18.367 13.12 1.2 0.197
Mass, g 9334 933.4 N.A. 0.73 N.A.
Internal diameter, | 50 1.56 N.A. NA. N.A.
cm

External diameter, |, 5 2.23 NA. NA. NA.
cm

Internal - surface, |-, ¢ 7 NA. NA. NA.
cm?

External surface, 300 105 ] ] 5

Cl’l’l2

Table 4 and Table 5 report material properties and system geometry used in the adsorption
measurements.
It is possible to distribute the fillers and the samples in the uptake column in stratified or

dispersed configuration. In the first case, the column is filled with three different layers.
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A first layer, on the bottom of the column, is composed of metal beads, a second layer,
close to the hot joint of the thermocouple, is filled with the sample, and a third layer, on
the top of the column, comprised of metal beads (Figure 19, left). This packing method
causes an accumulation of localized heat in the sample layer and, consequently, heat
dispersion is not efficient and the equilibrium is reached slowly.

The second filling method (Figure 19, right) provides a more uniform distribution of the
sample inside the column where it is dispersed together with the metal beads and allows
a better thermal distribution in the uptake. However, in this case, the temperature read in
the uptake volume has considerable uncertainty. In fact, while in the stratified
configuration the hot joint of the thermocouple is in contact with the sample, in the
dispersed configuration the column is filled randomly, and the hot joint can be in contact
with metal beads, with sample, or with both parts (Figure 19, right).

Dispersed configuration was used in the CO2 adsorption measurements, which will be

discussed in the next paragraphs.
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O Metal bead

Figure 19 - Packaging method. Left: stratified filling; right: dispersed filling. Blue circle: sample;

grey circle: metal beads.

It is important to identify a strategy to process the data obtained for a correct analysis of
the amount of adsorbed gas. Three different types of adsorption are defined within the
micropores of the solid [155,156]: absolute, net, and excess adsorption. The total number
of molecules contained within a microporous crystal is given by the sum of the molecules
adsorbed onto the external surface of the solid body itself (ns), considered as inaccessible
to gas, and the molecules contained in the micropores (na). The total amount of adsorbed
moles n'' by a given crystal is the sum of na and ns (Eq. 28) by considering Vs, as the

volume of the crystal by considering full and empty spaces.
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Total number of
nTot = n, + ng Eq. 28

moles

Abs

In absolute adsorption the solid is removed: Absolute adsorption n**® considers only the

amount of gas adsorbed onto the micropores, as if the solid would be removed, and it can

be calculated according to Eq. 29

Absolute adsorption | nAbs = nTot —pe =n, Eq. 29

Net adsorption (Eq. 30) is defined by subtracting from the absolute adsorption, the
equivalent gas moles that would be present in the same volume of solid (Vs) at the same
pressure and temperature of the system (c: gas concentration under these conditions).

Differently from net adsorption, excess adsorption also takes into account volumes not

accessible by gas (VnNa) as shown in Eq. 31.

Net

Net adsorption nNet = nAbs — Ve =ny — Ve Eq.30

nf* = nAbS — (Vs — Vya)e = ny — (Vs = Vya)c

Excess adsorption Eq. 31

Ex

]

Absolute adsorption determination is possible by using techniques such as NMR [157] or
impedance spectroscopy [158], while it is not accessible with the most common
adsorption techniques [155]. On the other hand, helium expansion experiments are
usually used to evaluate the volume of solid, which is then used to estimate the excess
adsorbed amount [155]. Therefore, excess adsorption is easily calculated [159,160,161]
with volumetric techniques such as those used in this work. However, isotherm equations,

such as the Langmuir equation which will be discussed later, are based on absolute
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adsorption. Therefore, excess adsorption obtained by volumetric methods has to be

converted in absolute adsorption (Eq. 32).

Absolute adsorption qAbs = gFx 4 gVoid ¢ Eq. 32

3.2.2 Equations of State

On the basis of the equations of state (EoS) based on Helmholtz free energy (Eq. 34 - Eq.
36), which is expressed in function of measurable variables such as temperature, pressure
and density, it is possible to define the thermodynamic fluid properties (the
thermodynamic fluid properties used in the work were reported in the equations Eq. 37 -
Eq. 41). In the last decades, multi-parameter EoSs have been obtained by modifying BWR
equation [162], which led to semi-empirical equations of up to 38 parameters
[163,164,165]. Over the years, a huge literature has been developed based on multi-
parameter equations of state [166] for single and mixture gases [167].

The main idea that places the EoS at the basis of the various studies is the need to describe
all the experimental data of the thermodynamic properties through a single equation,
considering an uncertainty of the data due to the approximation of each model to the
calculated physical data. The EoS would become the true reference of all of the
thermodynamic properties of the examined species. This would make possible to
transform the state equation into the new reference for the study of all the thermodynamic
properties of the fluid without requiring experimental validation tests [166]. In this way,
the EoS could be implementable to calculate thermodynamic properties in process
analysis (as it will be discussed later, the EoS have been used for the calculation of the

fugacity in order to evaluate Langmuir adsorption isotherm parameters), and for the
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calibration of accurate scientific instruments (correct assessment of uptake and dosing
volumes by means of gas expansion processes). The main issue to this aim is the accuracy
of the EoS. As anticipated previously, modified BWR equation is the first EoS equation
in literature, published in 1973, which successful reach the accuracy target [162].

In the 1980s, reference equations with optimized functional forms resulted in significantly
increased accuracies [168,169].

More recently, new experimental techniques allowed to accurately determine
thermodynamics properties, such as speed of sound [170]. Moreover, new optimization
algorithms development [170] and the introduction of new EoS parameters allowed to
improve the properties representation in the critical region [171].

Thanks to these development, new EoS can be used in a wide range of conditions, up to

the limits of chemical stability of the substances.

Redlich-Kwong 7 = 1 — e(Tbp

1—pb RT(1+ pb) Eq. 33
cquation e(T) =¢ey+& (T —To)
Helmholtz a=a?+aq" Eq. 34
Energy
Ideal Helmholtz ai® = pid — RT — Tsid Eq. 35
contribution

a"=ad—RTInz
Residual
Helmholtz ~ Py—1 1 Eq. 36
contribution a= RT_fO p dp =RTIn (1 - pb) +e(M)n (1 + pb)
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g(T,p) =h—-Ts

Gibbs Energy ' ' Eq. 37
g= gld +gr — gld + (a" + RT(Z — 1))
da
s(r.p) =~ (57).
Entropy s = gid 4 g7 — gid Eq. 38

1 1
—[Rln(l_pb)+£11n(m>—R(an—1)

h(T,p) =u+pv
Enthalpy Eq. 39
h=h+h" =he+(g"+Ts")

u(T,p) =a+Ts
Internal Energy ' . Eq. 40
u=u'*+u" =u+[h" — RT(z — 1)]

g(T,p) — g"*(T,p) = RT lng
Fugacity Eq. 41

1n£ =a" +RT(z—1)

In this work, EoS will be used to develop a simple approach which can be extended on
the study of mixtures. Cubic equations, in particular the Redlich-Kwong equation (Eq.
33), was chosen, to determine all the thermodynamic properties of the single gases (Eq.
34 - Eq. 41). The two parameters of the Redlich-Kwong equation, the co-volume “b” and
the energy parameter “c(T)” were obtained by fitting the experimental data present on the
NIST Webbook [172] based on the previously discussed multi-parameter equations. The
fitting of the parameters was obtained by analysing a temperature range of 0 - 100 °C and

a pressure range of 0 - 30 bar.
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3.2.3 Equilibrium isotherm equation

More and more adsorption isotherm models have been developed so far. Linear isotherms
and Langmuir based model isotherms are generally used due to their thermodynamic

consistency. The linear isotherm is expressed by Eq. 42

—AH
qs = Hf = Hoe s f Fq. 42

where:

* gs, absolute amount adsorbed

* H, Henry’s law constant

* Ho, pre-exponential factor

* —AH;, heat of adsorption

* f, fugacity.
The Langmuir equation, used in this work, allows a wide range of adsorption cases.
Different equations can be derived by considering single-site (Eq. 43), dual-site (Eq. 46),
or triple-site (Eq. 50) adsorption.
The use of different mathematical expressions derives from the presence of sites more
active than others, according to the Langmuir saturation model. In other words, the most
favourable site/s will be filled first, followed by the less favourable site/s [173].

Eq. 44 describes Langmuir adsorption on single-site:

b, (Tf
qs = qs1 : Eq. 43
1+ b (D)f

where:
* s, absolute amount adsorbed
* (s, saturation adsorption. It only depends on the material in terms of available

sites
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*  bi(T), temperature-dependent equilibrium constant

« f, fugacity.
At very low pressures (close to 0), behaviour of gases is satisfactorily described by the
ideal gases law. This allows to assume the fugacity equal to the pressure of the gas.

Under these conditions the single-site Langmuir isotherm can be written as in Eq. 45:

s = qs1b1(T)f = qs1b1(T)P Eq. 44
where gs,1b1(T) assumes the meaning of the Henry law constant, H(7).
qs = H(T)P Eq. 45
In the case of dual-site Langmuir adsorption (Eq. 46) each site must be modelled by a

separate equilibrium constant, b1(T) and b2(T), being AH; 4,4 the heat of adsorption (Eq.

47 and Eq. 48, respectively) for each site.

b (T)f b, (T)f Eq. 46

=BTy, (f T b(f

_AHl,ads
bl — bl,Oe RT Eq 47
~AHaads Eq. 48

by = bype RTs
where:
* gs, absolute amount adsorbed;
* gs,i, saturation capacities. It only depends on the material in terms of available sites;
* bi(T), temperature-dependent equilibrium constant;

* f, pressure.
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As discussed before, at very low pressure the fugacity tends to 0 and Eq. 47 can be
rewritten as in Eq. 50, where gs,101(T)+qs2b2(T) assume the physical value of Henry law

constant, H(T).

By extending the same procedure for the triple-site model, Eq. 51 can be written

. q
}}g}j = G511 (T) + q52b,(T) = H(T) Eq. 49
b,()f b,(D)f by (T)f
Qs = Qs1 s + G527 e —2 Eq. 50
1+b(Nf 1+ b,(Tf 77 1+ by(Df
_AHS,ads
b3 = b3,09 RTs Eq 51

Analogously, at pressure values tending to O for the triple-site model it can be

demonstrated that

lim s
-0 f

= 5101 (T) + qs2b2(T) + qs3b5(T) = H(T) Eq. 52

The isosteric heat of adsorption is, generally, constant for adsorption following the linear
and single site models Langmuir isotherm. Differently, for more complex models
described by multiple site Langmuir isotherms, the heat produced is not constant
(isosteric heat of adsorption is a function of fugacity) and it is thermodynamically

described by the following equation (Eq. 53) [174]:

Al = AH,qg1by (1 + byf + b3f)? + AH,qs b, (1 + by f + b3f)* + AH3qs3b3(1 + by f + byf)?
ads qs1b1(1+ by f + b3f)* + qs2b,(1 + by f + b3f)* + qs3bs(1 + by f + by f)?

Eq. 53
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3.2.4 Thermo-kinetic equations of gas adsorption

The thermo-kinetic model can be developed on mass and energy equations based on a
volumetric system [154], as discussed in paragraph 3.2.1. In this paragraph the equation
discussion was carried out considering adsorption steps, where gas is loaded in the dosing
volume and expanded into the uptake volume. However, equations are consistent also in
the desorption step. Therefore, the model is always valid during adsorption/desorption
measures.

A known gas amount is initially loaded into the dosing volume. At time t = 0 the valve,
that separates the two volumes, is opened. The gas flow rate through the valve is a linear
function of the pressure difference (difference between dosing (Pp) and uptake pressures

(Pu)) (Eq. 54). x is the kinetic constant of the valve which indicates the dependence of
the gas flow rate through the valve (%) on the pressure difference (P, — Py).

Gas concentration within the dosing volume gradually decreases (Eq. 55), while the
pressure in the uptake volume increases with time (Eq. 56). The higher quantity adsorbed

corresponds to the equilibrium conditions of the process [130]. The amount of gas that
expands in the uptake volume is partially adsorbed (Vs %), following its adsorption

isotherm, and in part is expanded in the free uptake volume (V).
According to these considerations, it is possible to write the mass balance equations

written below (Eq. 54 - Eq. 59).

dn
Valve mass = y(P.—P Eq. 54
balance dt x(Pp = Pu)
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Dosing  mass v, — Eq. 55
balance dt dt

dcp dq dn

Uptake mass eVy — + Vg ==

balance

Eq. 56

cp and cu are the dosing and uptake concentration, respectively. In this way it is possible
to retrieve the total amount of gas adsorbed on the solid (q) as a function of time. At
equilibrium conditions, the gas adsorbed on the solid is equal to the adsorbed quantity
calculated through adsorption isotherm (q*). The film theory is based on the linear driving
force hypothesis, i.e. a linear dependence of dg/dt on the difference between the amount
of gas adsorbed at equilibrium (g*) and gas adsorbed punctually (g) at different time (Eq.
57). For porous matrices the linear model (or film model) does not satisfactorily describes
the variation of the adsorbed concentration of gas on solid. In this case two models can
be used instead, depending on the limiting diffusive regime: micropore diffusion control
(Eq. 58) and macropore diffusion control (Eq. 59).

The limiting diffusion stage can be determined by comparing the time diffusion in
micropores and in macropores.

Generally, the diffusion in macropores is 2-4 orders of magnitude higher than that of
micropores. However, the characteristic length, which for spherical geometries is the
radius, is at least three orders of magnitude greater for macropores than for micropores.
From this it can be deduced that, in many adsorbent materials, the limiting diffusive
regime is the diffusion in macropores (Eq. 59).

Within this work, the diffusion model based on the macro-diffusion control was used.
The model assumes the macropore diffusion control and the instantaneous adsorption in

micropores. The whole gas that diffuses from the external surface of the sample inwards
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(e,D,p (Zrc+ 2 9 )) occupies the volume of the macropores (ep ) and adsorbs

instantly on the crystals ((1 — sp) %

Linear driving

q_ . _ = Eq. 57
force (LDF) -

Mi dg 1 0 aq
icropore d_q =5 ( 2p, a‘]) Eq. 58
diffusion control t r
Macropore dc 0%c 2 dc
(1- ) +5p = &Dyp <_2 + __> £q. 59
diffusion control dt dt arp ™ arp
ernacropore
Dmacropore 5 — tmacropore > 1 Eq. 60
Rmicropore tmicropore

Dmicropore

The isosteric heat of adsorption, the Joule-Thomson phenomenon for the
expansion/compression of the gas and the consequent thermal exchanges require also the
introduction of the energy balance (Eq. 61 - Eq. 68) along with the mass balance
equations. For example, the gas that expands in the dosing volume (Eq. 61) causes a
reduction in temperature linked to the Joule-Thomson effect, contained within the

variation of real enthalpy (h,,:) and, a consequent exchange with the external
environment (hT A, (TW,D — TD)). More complicated, however, is the description of the

phenomena taking place in the uptake volume: To better identify the thermal
phenomenon, the energy balance is studied by dividing the contribution of the empty
volume (Eq. 62) and the adsorbent solid (Eq. 63). The pressure inside the uptake volume

increases resulting in higher temperatures due to the gas compression. The consequent
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heat exchange takes place between the compressed gas and the metal beads but also with
the uptake walls and the sample. The sample, on the other hand, increases its temperatures
due to both adsorption and the heat exchange with the gas. The thermal capacities of inert
solids such as stainless steel beads (Eq. 64), dosing (Eq. 65) and uptake volume (Eq. 66)
have been included in the energy balance. In order to study in depth the adsorption phase
it was necessary to take into account, also, the response time of the thermocouples (Eq.

67 and Eq. 68).

dup dn

Dosing energy v ——"hn W AT~ —T Eq. 61
balance D dt dt out + w w( w,D D)
dup dn
Vy——=—hy, + hLA,(Tyy — T
Uptake energy Ydt de v w(Tww = To) Eq. 62
balance . ,
+ he_As(Ts — Ty) + hy_pAp(Ty — Ty)

de d[c_l(_AHads)]

— =V + hi_gAs(Ty — T.
Solid  energy ChTge =5 dt 7-sAs(Ty = T5) Eq. 63
balance
Stainless Steel dTy T Eq. 64
beads cpVb dr hy_pAp(Ty = Tp) 4
Dosing  solid ., dTpe!e ; Eq. 65
Volumge sV Zt = hpAp (Tamp — T5°4Y) 4
Uptake  solid - dTgol , Eq. 66
volume eV —— = hjAy(Tpaen — T5") d
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Vie dT.
Thermocouple Crc¥re Alre _ (Tp — Tre)
in the Dosing h)?ATC dt v Eq. 67
Volume
Thermocouple crcVre dTrc

=(Ty —T

in the uptake hfArc dt Ty = Tre) Eq. 68
Volume
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3.3 Results and discussion

3.3.1 Gases behaviour

As previously discussed, the EoS parameters (Table 6) were obtained through fitting the

data present in the NIST webbook [175].

In particular, the analysis was carried out by fitting 100 points in a wide range of operating

conditions: temperatures from 0 ° C to 100 °C and pressure from 0.1 bar to 30 bar. In this

way, the co-volume b and the energy parameter £(T) (Eq. 33) were obtained at T=0 °C

in the pressure range of 0-30 bar. The subsequent fitting, at 30 bar and temperature range

of 0-100 °C, obtained ¢, and &; (in according to functionality between &(T) and T) as

reported in Eq. 33.The fitting was carried out on gas density evaluation.

Table 6 - EoS co-volumes and energy parameters for each gases

(M) =g +& (T—T))
species b, m” mol” &,] mol™1 g,] mol 1K1
He 1.21 103 100 1.57
Ar 2.17 103 4.5110° -8.85
H> 2.26 107 901.36 1.02
N2 2.57 107 3.18 10° -8.87
0)) 2.3410° 4.43 10° -8.23
CO2 3.47 107 1.23 10* -29.2
CH4 2.5710° 6.99 10° -14.24
CO 232107 3.66 10° -12.30

Different points were selected within the range of operating conditions studied, in order

to verify the correct prediction of the model. Table 7 shows the comparison between the
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thermodynamic properties of the gases with those estimated using the EoS. Deviations

were calculated using Eq. 69

Deviation — NIST webbook — Simulated data Y Eq. 69
eviation = NIST webbook » 70 &

Data fitting allowed to obtain very accurate EoS in terms of density prediction.
Thermodynamic parameters calculated using the cubic EoS are extremely accurate for all
the gases studied. The maximum calculated deviation is associated to the real enthalpies
and internal energies, and it was generally less than 1%. COz, especially in conditions of
low temperatures (0 °C) and high pressure (30 bar), shows the greatest errors (up to 6%
for real internal energy). In this condition, CO2 shows a behaviour very far from ideal gas

state.

Table 7 — Deviation calculation between NIST data and cubic EoS

Reference thermodynamics Deviation, %
properties He Ar Ha N2 0)) CO2 | CH4 | CO
Density 0.01 | 0.02 | 0.02 | 0.02 | 0.03 | 04 | 0.05 | 0.03
Ideal Enthalpy 0.02 | 0.02 | 0.02 | 0.02 | 0.02 | 0.02 | 0.2 | 0.02
Real Enthalpy 0.05 | 0.6 0.2 0.4 0.4 5 0.6 0.2
Real Internal Energy | 0.05 | 0.8 03 | 045 | 05 6 0.8 0.4

In order to identify the correct prediction of thermodynamic properties by cubic EoS, a
comparison was made between the adsorption isotherms present in the University of
Edinburgh database. The CO: isotherm was studied on a polymer sample of 0.274 g
(whose name and nature cannot be disclosed). Within this work, the polymer will be

called Polymer A. The measurements were carried out at 20 °C in a pressure range of 0-
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30 bar. Excess adsorption was reported because the vacuum degree of the polymer is
unknown and the absolute adsorption is not an accessible parameter. Figure 20 shows
excess adsorption (Eq. 31) as a function of the equilibrium pressure.

The deviation of the excess adsorption was reported as a function of the equilibrium
pressure by using cubic and Wagner equations, as shown in Figure 20. In fact, the greatest
deviation was found at pressures close to the highest range pressure (30 bar). Under these
conditions, the maximum deviation between the excess adsorption calculated through the
NIST data and that calculated through the EoS is about 0.4%, with a low overestimation

calculated by using the cubic state equation.

30
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Figure 20 — CO; isotherm in terms of excess adsorption as a function of equilibrium pressure.

Circle: excess adsorption obtained by cubic EoS data; Triangle: excess adsorption obtained by

NIST webbook. Adsorption gas: CO»; Sample: Polymer A; Temperature of 20 °C.
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Figure 21 — CO; excess adsorption deviation as a function of equilibrium pressure. Adsorption

gas: CO»; Sample: Polymer A; Temperature of 20 °C.
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3.3.2 Simulation analysis and experimental fitting

This section reports simulation and experimental measurements on diffusion of gases in
a solid macroporous sample (zeolite 13X) during adsorption measurements. This
investigation is intended as a preliminary analysis and further studies are required.

As reported in the mass and energy balance equation in Section 3.2.4 Thermo-kinetic
equations of gas adsorption, the mathematical model takes into account several
parameters, such as global heat exchange coefficient, thermocouples time delay and valve
characteristic parameter which defines valve open velocity.

On a first approximation, all the parameters were evaluated using He expansions. In this
way the mathematical model results simplified because He adsorption can be safely
neglected. Figure 22 and Figure 23 show the dosing pressure decay as a function of the
time during expansion measurements.

The measurements were carried out in series. At the beginning, the system was brought
at very low pressure (0.13 Pa). Subsequently, the valve was closed between the dosing
and uptake volumes (V02, Figure 18) and the He loaded into the dosing volume (the
pressure increase up to 31.33 kPa). The valve was quickly opened to let the gas into the
uptake volume (expansion). Dosing pressure was monitored and the valve characteristic
was calculated (y equal to 2.2 10® mol Pa! s!). The system reached the equilibrium
pressure of 25.77 kPa (Figure 22). The same measurements of gas expansion and pressure
dosing monitoring was carried out, as previously discussed. Initially, the valve between
the volumes was closed (an initial uptake pressure of 25.77 kPa was used). Subsequently,
the dosing volume was loaded up to 82.99 kPa. The valve was opened and the gas was
allowed to expand. The resulting characteristic of the valve is 3.7 10® mol Pa’' s (Figure

23).
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Figure 22 — Pressure decay as a function of time during open valve measurements. Gas: Helium;
Diamond (red): experimental measurements; solid line (black): simulation dosing pressure.
Temperature of 20 °C. Initial pressure of 31.33 kPa; Initial uptake pressure of 0.13 Pa. Valve

constant y: 2.2 10®* mol Pa™' s,
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Figure 23 — Pressure decay as a function of time during open valve measurements. Gas: Helium;

Diamond (red): experimental measurements; solid line (black): simulation dosing pressure.
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Temperature of 20 °C. Initial dosing pressure of 80.4 kPa; Initial uptake pressure of 25.77 kPa.

Valve constant y; 4.7 10 mol Pa™' s™".

Owing to the pressure difference between the measurements reported in Figure 22 and
Figure 23 and the manual opening speed of the valve, the calculated valve constants are
different. Therefore, in order to better interpret the valve behaviour, it is necessary to use
automatic actuators that allow to uniform valve opening, in order to safely attribute the
differences only to gas behaviour [176].

Gases conductivity, which is different between CO2 and He such as viscosity, influence
the heat coefficient calculation during fitting experimental data. In fact, CO2 and He
present different gas conductivity and viscosity, differently influencing the heat
coefficient.

Valve constant and the energetic parameters were obtained by the same expansion
measurements (CO2 expansion measurements) and the pressure dosing trend can be
obtained as shown in Figure 24.

The dual-site Langmuir isotherm (Eq. 46) was used to simulate the experimental

behaviour (Table 8).
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Figure 24 — Dosing and uptake pressure as a function of times. Gas: CO». Diamond: experimental
measurements; solid line (red): simulation dosing pressure; dashed line (blue): simulation uptake
pressure. Initial dosing pressure: 13.28 10° Pa; initial uptake pressure:0.13 Pa. Temperature: 20

°C.
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Figure 25 — Dosing pressure normalised as a function of times. Gas: CO,. Diamond: experimental
measurements; solid line (red): simulation dosing pressure. Initial dosing pressure: 13.28 10° Pa;

initial uptake pressure:0.13 Pa. Temperature: 20 °C.

Figure 24 shows dosing and uptake pressure as a function of time (measurements and
operating condition are reported in Table 9). The simulations satisfactorily describe the
experimental data (the corresponding evaluated diffusivity is 4.5 10 m? s™!). The uptake
pressure simulation is also shown in Figure 22. The pressure dosing response is in
agreement with the literature data [130]. In particular, the presence of a maximum in
uptake pressure response suggests a high ratio between the characteristic time of valve
opening and the diffusivity of the gas in the sample [130]. When the characteristic time
of the valve approaches the characteristic mass transfer time, the system tends to
equilibrium, therefore, no reliable kinetic measurements can be obtained. The best
measurements conditions are reached when the valves can be modelled with a rump

function. Here, the gas diffusion inside the pores is the only mass transfer phenomenon
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shown. When the valve dynamics is slow, instead, the dosing pressure monitoring leads
to wrong kinetic analysis because the mass transfer inside the sample is not the dominant

mechanism [176].

Table 8 — Dual-site Langmuir isotherm parameters

gs,1, mol kg! 2.7976
gs2, mol kg'! 1.2374

bi, Pa’! 1.95 10
b2, Pa’! 1.05 10
-AHj, kJ mol™! 32.194

-AHz, kJ mol™! 33.055

Heat of adsorption, kJ mol! 32.6

Table 9 - Operating condition and system geometry

Initial dosing pressure, Pa 13.28 10°
Initial uptake pressure, Pa 0.13
Initial dosing temperature, °C 20.5
Initial uptake temperature, °C 20
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3.3 Conclusion

In this research activity, the preliminary analysis of kinetic diffusivity measurements in
the Sieverts apparatus was carried out. The work was developed in two phases. The first
phase involved a thermodynamic analysis in order to identify cubic EoS, easily
manipulated, that satisfactorily interpreted the behaviour of the gases studied. Cubic
equations have been obtained by using the Redlich-Kwong model which allows a good
thermodynamic interpretation of gas parameters in the range of pressure and temperature
studied. Thanks to the comparison with the data reported in the literature (NIST webbook
[175]), the EoS is reliable to determine the behaviour of gases through its thermodynamic
properties. During the second phase, the analysis was carried out on kinetic adsorption
measurements. The model used allows a good experimental data fitting. In this second
case, further investigation is required in order to improve the parameters evaluation and,

consequently, simulations accuracy.

89



4. Membrane Permeation Performance for mixture

gas separation

In this chapter the membrane gas separation performances were studied by using
experimental measurements by means of pressure drop and concentration gradient, as
discussed in the paragraph “2.2 Membrane separation performance measurements
method”. Transport phenomena and membrane behaviour at different operating
conditions were analysed. Two different membranes were studied: 1) polyimide dense
membrane (MATRIMID) and 2) PIM-based membrane. In the first case, the CO2
permeance through MATRIMID membrane was studied in a large temperature range, i.e.
from -25 °C to 150 °C. In the second case, Single gas and flue gas separation measures

were carried out to evaluate the performance of PIM-based membrane gas separation.

At the highest temperature of 150 °C, polymer chain rearrangement occurs and the CO:
permeance reduces up to 35%, at temperature higher than 70°C.

PIM membranes have two main disadvantages: high selectivity reduction owing to
plasticization phenomena [177] and fast reduction of selectivity and permeation
properties due to quick aging. Particular attention was focused on three different
membranes PIM-PI-1, PIM-PI-r-6FDA-Durene=1:6 and PIM-PI-r-PIM-PEG=4:1, which
showed CO2 permeance of 75.1, 68.4 and 20.3 dm*(STP) m™ h! bar’!, respectively. These
membranes were tested after thermal treatment at 40°C for 3 hours, in order to remove
traces of residual solvent. The experiments demonstrated good separating performances
of CO: from other gases such as N2 and O2 (e.g., CO2/N2 selectivities of PIM-PI-1 and

PIM-PI-r-PIM-PEG=4:1 were 16.3 and 15.6, respectively) and no dependence of
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transport properties from the operating pressure. These results indicate that PIM-based
membranes have great potential in separation of CO2 from a flue stream in a large range

of operating conditions.

4.1. CO2 permeance in Matrimid membrane: Activation energy

calculation.

Matrimid®5218 is currently one of the most studied types of polyimide, materials
particularly applied for hydrogen [178,179,180,181,182] and CO2/CHs separation
[183,184,185].

The Matrimid®5218 hollow fibre membranes here investigated were prepared into the
ITM-CNR laboratory as reported in Falbo et al. [186]. The hollow fibre preparation
method is briefly reported below.

Hollow fibre membranes were prepared via the dry-wet spinning technique through the
phase inversion process. The polymer solution (dope), prepared by adding the polymer to
the solvent under mechanical stirring at 50 °C, was then stored in a thermostatic vessel
for the entire spinning run. Before starting, the polymer solution was degassed under
vacuum. In fact, the presence of air inside the polymer solution can cause defects in the
dense separating layer. At the end of the spinning test, carried out at room temperature,
the continuous bundle of the spun fibres was cut in pieces of ca. 30 cm and kept in distilled
water for at least 24 hours in order to remove residual solvent [ 186]. The fibres were then

dried at room temperature for 48 hours.
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4.1.2 Results and discussion

Figure 26 shows the CO2 permeance as a function of temperature. Experimental measures
were carried out in three steps: during the first one (see Figure 26, circles) CO2 permeance
was analysed at temperature ranging between 65°C and 150 °C. Thereafter, in the second
step (see Figure 26, diamonds), CO2 permeance was studied from cryogenic to room
temperatures. Finally, CO2 permeation measures were carried out at the same temperature
range of the first step (Figure 26, squares). The comparison between the first and the third
measure sets allows to evaluate the effect of the temperature on the membrane.

The first set of measurements evidences that the permeance of COz linearly increases with
the inverse of the temperature, which is a typical Arrhenius behaviour. Subsequently the
module was cooled to room temperature and then cooled down to -20 ° C (second set of
measures) in order to estimate the permeance trend at cryogenic temperatures. Also in
this case, in the range between -20 and 24 ° C, the permeance of CO2 shows a typical
Arrhenius behaviour, i.e. linear with the inverse of the temperature. Finally, the system
was heated to room temperature and the permeation measurement was repeated. The same
permeance obtained at 25 °C before and after the cryogenic measurements confirming the

reproducibility of the measurements at 24 °C.
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Figure 26 — CO, permeance as a function of temperature.

A new measures set was carried out at higher temperatures up to 150°C ((Figure 26,
squares). In this case a reduction in permeance compared to the first set of measurements.

In particular, for temperatures above 80 °C, the permeance decreases of about 35%.

Ansaloni et al. [187] have shown how a thermal pre-treatment of Matrimid membranes
(at temperature close to 150 °C) causes a change in the transport properties of the material.
In particular, it is highlighted how the temperature induces a rearrangement of the
polymer chains, which causes both an increase in the rigidity of the chains themselves
and a reorganization, with consequent reduction of the free volume. The study of Ansaloni

et al. [187] suggests that the permeation measurements carried out at 150 °C could have
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had a "heat treatment" effect on the Matrimid fibres which caused the reduction of the
CO2 permeance.

The second set of measures also highlights a change in the slope of the functionality of
the CO2 permeance with the inverse of the temperature in a range between 60 and 80 °C.
A probable explanation can be inferred from the work of Comer et al. [188], who
investigated the dynamic relaxation characteristics of Matrimid. Three transition
temperatures that influence the mobility of the polymer chains were shown [188]: one
related to the glassy-rubbery transition (a transition, 313 © C) of the polymer and two to
"sub-glass" transitions (B transition, 80 ° C; y transition, -110 ° C). Therefore, the change
in the permeance slope observed in Figure 26 at temperatures close to 80 °C could be due
to P transition of the polymer.

Table 10 reports the permeance parameters for each set of measures. The evaluation of

the parameters was carried out by fitting the experimental data with Eq. 70.
Ep

Permeance = Permeance, exp (— ﬁ) ,molm=2s71pqg~1 Eq. 70

where Permeancey is the pre-exponential factor (mol m=2s~1Pa™1), Ep is the activation
energy of permeation (J mol™), T is the temperature (K) and R is the ideal gas constant
(8.314 kJ mol!-K'!). Ep for the transport of CO2 through membrane were determined

from the slopes (-Ep/R) of the best curve-fits through the permeation data in Figure 26.
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Table 10 — Pre-exponential factor and activation energy of permeation.

Permeance,,
Set of measures Ep, kJ /mol R?
nmol m~2s"1Pa~1
First (from 65°C to 150°C) +6.4 53.8 0.943
Second (from 25°C to -20°C) +3.3 9 0.943
Third (from 50°C to 150°C) +11.1 166 0.975

The activation energy of permeation can be represented as the sum of the activation

energies of diffusion and sorption. The activation energy of diffusion is positive, which

means the diffusivity increases with the temperature. Instead, the sorption enthalpy is

negative, as expected since the sorption is an exothermic process [189]. In each case the

activation energy of permeation is positive, which means that the energy of diffusion is

greater than the enthalpy of sorption.

Owing to the first set of measures and, consequently, polymer chain rearrangement due

to high temperature treatment, permeance parameters change drastically from the first to

the third set of measures. The activation energy of permeation increase from 6.4 to 11.1

kJ/mol (+72.9) in the same temperature range. Owing to polymer chain rearrangement,

the contribution of CO: diffusion increases with respect to contribution of CO2 solubility.
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4.2. PIM-based membrane gas separation measures

Thanks to the high interconnected free volumes which allow to define PIMs as
microporous materials, according to IUPAC classification (pore size < 2 nm) [190],
polymers with intrinsic microporosity (PIMs) have attracted much interest as novel
materials for membrane-based gas separation. The rather unique macromolecular
structure of PIMs results in remarkable gas-separation behaviour as separation
technology, exceeding Robeson’s upper bounds [191,192].

As reported previously, the most important problems regarding to PIMs are due to
plasticization and aging phenomena. Highly sorbing gases, such as COz, can induce
plasticization, leading to a large increase of the gas permeability with increasing pressure
and, consequently, selectivity reduction during separation in gas mixtures. As reported in
Section 1.1.1, the plasticization of the polymer matrix by penetrant gases can be attributed
to the swelling stresses on the polymer network. Carbon dioxide absorption in glassy
polymers is known to facilitate local segmental organization with a reduction in perm-
selectivity [192,193]. Therefore, plasticization is a phenomenon widely occurring in
polymer systems for CO: separation where membranes are exposed to a high
concentration of COz in the feed stream. One of the most popular way to improve the
performance of a polymer is by blending it with another polymer to combine the best
properties of the two individual materials [194]. Also in the PIMs synthesis, it is one of
the most important way to improve the PIM properties.

In an effort to combine the high free volume of amorphous PIMs with the excellent
chemo-physical properties of Pls, a series of polyimides was designed [195,196,197].
The transport properties of PIMs obtained by random copolymerisation synthesis with

polyimides are reported in this chapter. The main aim is to obtain polymeric membranes
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that exhibit slow aging and good separative performances at higher pressure. High
pressure permeability measures (close to 10 bar) with single and mixture gases were
carried out.

The membranes were synthesized in the “Synthesis of Organic Materials” laboratories of
the University of Incheon, South Korea [198]. Permeability measures were carried out on
membrane disks possessing the geometric characteristics listed in Table 11.

Membranes were characterized by pressure drop and concentration gradient method (both
methods were widely discussed in paragraph 2.2 Membrane separation performance

measurements method).

Table 11 — Membranes size

Membrane Area, cm? Thickness, pm
PIM-PI-1 3.8 40
PIM-PI-r-6FDA-Durene=1:6 3.8 30
PIM-PI-r-PIM-PEG=4:1 3.8 33

Table 12 - Operating condition

Temperature, °C 25

Feed pressure, bar 3-94

Permeate pressure, bar 1 bar

Feed stream mixture composition, % CO2:N2:02=15:80:5

Table 12 reports the operating conditions used for the permeability measurements. In
particular, pressure drop method was used to evaluate the permeance of single gases.

Thanks to the evaluation of the thickness of the membranes, the permeability of the
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membrane was calculated. The results were compared with literature data using the
Robeson diagram [199]. It is possible to compare membranes that have a high free
volume, such as polynorbornenes, PTMSP and PIMs. Subsequently, the concentration
gradient method was used in order to analyse the separative performances of the
membranes on gas mixtures simulate flue gas mixture, as reported in Table 12.

The membranes were tested after thermal treatment at 40°C for 3 hours, in order to

remove the residual synthesis solvent in the polymeric matrix.

4.2.2 Results and discussion

PIM-PI-1 permeability measurements were carried out in order to evaluate the effects of
random copolymerization on the separative properties of the membranes based on PIM-
PI. In fact, the permeance measurements were compared with the PIM-PI-r-6FDA-
Durene = 1: 6 and PIM-PI-r-PIM-PEG = 4:1 property.

Gases permeance and, consequently, selectivities were determined thanks to permeability
measurements reported in Table 13. As discussed before, single gas and mixture gases
measures were carried out. CO2/N2 selectivity reduces from 22.5 (ideal selectivity
calculated by CO2 and N2 permeability ratio evaluated during single gas measurements)
to 16, obtained by gases mixture separation measurements.

Membrane permeability was calculated by membrane thickness evaluation, using
micrometre. PIM-PI-1 membranes showed a good CO2 permeability of 30 GPU and 28.1
GPU for single gases and mixtures, respectively. Single gas measurements, using PIM-
PI-r-6FDA-Durene=1:6 membranes, were carried out in the pressure range 3-8.3 bar. No

dependence of permeance with the feed pressure was observed neither with CO2 nor with
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Nz and Oz, as confirmed in Figure 28 where the permeating flux of each gas is fully linear

with the relative permeating driving force.
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Figure 27 — Permeating flux of i-species as a function of correspondent partial pressure difference.

Circle: CO»; triangle: O»; square: N». Single gas (black), Mixed gas (red).

Mixed gas experiments carried out at a feed pressure of 9.3 bar, showed no significant
differences in the permeance values measured for CO2, N2 and Oz if compared with single
gas. Permeability measurements showed no change in the CO2 permeance between single
gas and mixture. In particular, the permeance of COz is 22.8 and 22.3 GPU for single gas
and mixture measurements, respectively. The permeability of N2, on the other hand,
decreases from 1.8 to 1.4 GPU in single gas and mixture gas separation measurements.

Thanks to this reduction, CO2/N2 selectivity is greater during the separation
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measurements of mixtures compared to the individual gases (selectivity increases from

13.5 to 16.1,Table 13)
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Figure 28 — Permeating flux of i-species as a function of correspondent partial pressure difference.

Circle: COy; triangle: O,; square: N». Single gas (black), Mixed gas (red).

In the case of the PIM-PI-r-PIM-PEG=4:1, single gas measurements were carried out in
the pressure range 3-8.1 bar. Nor with CO2 nor with N2 and O: a dependence of
permeance with feed pressure was observed, as confirmed in Figure 29 where the
permeating flux of each gas is fully linear with the relative permeating driving force.
Mixed gas experiments carried out at a feed pressure of 9.4 bar, showed no significant
differences in the permeance values measured for CO2, N2 and Oz if compared with single
gas. Selectivity in mixture was a bit greater than ideal one with a CO2/N2 value of 17

(Table 13). Similarly, to the results obtained for the PIM-PI-r-6FDA-Durene membrane
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= 1: 6, also for the PIM-PI-r-PIM-PEG = 4: 1 membrane, the CO2/N2 selectivity increase
in mixture due to permeance reduction. In this case, the change in permeance, which

causes an increase in CO2/N2 selectivity from 17 to 18.
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Figure 29 — Permeating flux of i-species as a function of correspondent partial pressure difference.

Circle: CO»; triangle: O»; square: N». Single gas (black), Mixed gas (red).

Figure 30 shows the CO2/N2 selectivity as a function of the CO2 permeability of the

membranes studied and the Robeson upper bound [199].

Permeability measures results were compared with literature data, in particular, of
polymers with a high free volume. All literature data concerned glassy polymers
[189,192,200,201,202,203,204,205,206,], except for the PDMS [202], which has been
taken into account due to its importance in numerous industrial applications [6]. The PIM-

PI-1 membrane shows separative properties, compared with the data present in the
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literature [189]. The membrane obtained by random poly-condensation with 6FDA-
Durene shows performances similar to 6FDA-Durene, due to the high 6FDA-Durene
concentration. However, the presence of PIM-PI improves the CO: permeance with

respect to the same CO2/N: selectivity.

Table 13 - PIM-based membrane separative properties.

Selectivity, -
Membrane CO; Permeance, | CO, Permeability,
M
CASUTES GPU Barrer CON; | OJ/N;
Si 30 1200 22.5 5.4
ingle gas
PIM-PI-1 '
Mixture 28.1 1122 16 3.7
gases
PIM-PI-r-6FDA- Single gas 23.8 712.9 13.5 33
Durene=1:6 Mixture 233 700.1 16.1 1.6
gases
Single gas 8.2 271.7 17 3.7
PIM-PI-r-PIM-PEG=4:1 _
Mixture 6.54 215.8 18 1.1
gases
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Figure 30 — Robeson diagram for CO,/N; for high free volume polymers. The lines represent the

2008 upper bounds for each gas pair.

4.3. Conclusion

In conclusion, the experimental activities for the gaseous separation measurements
showed a potentiality of the membranes studied for industrial applications. The Matrimid
membranes presented a monotonous Arrhenius trend in the temperature ranges studied.
Particular interesting is the good thermal resistance at high temperatures (150 °C).
Permeance fitting as a function of temperature allowed to highlight a logarithmic linearity
with an average square deviation of 0.975 (slightest variation in linearity is attributable
to experimental errors). The good membrane operability at different temperatures allows
to use them in different industrial fields, such as in combustion systems for the production
of electricity which contain a high CO2 concentration. These are cooled inside cooling

columns through mixing with air at room temperature. This is necessary because
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temperature and CO:2 concentration have to decrease before atmospheric emission. The
possibility of operating at a temperature of 150 ° C suggests that the membrane can be
applied in the system area where the streams to be treated has a much higher concentration

of CO2 (improving the driving force of the separation).

PIM-based membranes have shown significant separative advantages. In particular, the
membranes obtained by random copolymerization have shown an increase in selectivity
due to a tendency of reduction in permeability during the separation of gas mixtures. The
membranes showed a linear behaviour at different pressures, not showing plasticization
phenomenon induced by the presence of COz in the operating conditions studied. All the
membranes have good separative performances, even if all positioned under the Robeson
upper bound, and the copolymerization allowed to reach new separative properties
depending on the properties of the initial polymers used (such as PIM-PI and 6FDA-
Durene). The results show a high potential of this new type of PIM-based polymers and,
in particular, indicate that our PIM-PI random copolymer membranes have remarkable

potential to be used for CO2 gas separation.
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5. Wet CO2-mixture analysis for CO2/CH4 separation

Bio-methane production from biogas upgrading is becoming more and more an attractive
route for alternative energy sources utilization. Bio-gas is mainly constituted by methane
in a concentration variable from 55% to 70% and carbon dioxide, whose concentration
ranges between 30% and 45% [207]. Often, other species such as H2S, N2, Oz, Ha, halides,
siloxanes are present in low concentration or in traces [207]. The separation of bio-
methane leads to an increase of the calorific value and to a reduction of the corrosion
phenomena induced by acidic species (e.g. CO2 and H2S). Absorption, adsorption and
cryogenic techniques are technologies usually used in the treatment of natural gas or
biogas but they suffer of various drawbacks such as, high energy intensity, large
equipment, use of organic solvent and adsorber, and complex control auxiliary systems
[208]. Moreover, in most of the cases they produce low pressure CHs streams, which then
need re-compression. The intrinsic advantages of membrane technologies, as discussed
previously in the Introduction chapter, incentivized their installation in different plants
for bio-methane production [209, 210]. Sahota et al. [209] showed the advantages of bio-
gas upgrading solutions for small upgrading plants (less than 100 Nm?%h), where
membrane integrated systems are particularly efficient and the main assets of membrane
technology (modularity, low plant size, etc.) become more and more important. Cellulose
acetate, polyimides and perfluoro polymers [208], currently used for natural gas
separation are today used as membranes for biogas processing. As widely reported in
literature [211, 212, 213, 214], the presence of water vapour in the gaseous stream
strongly influences the performance of polymeric membranes affecting both permeability

and selectivity. Falbo et al. [186] studied the effect of humidity using Matrimid hollow
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fibre membranes for CO2/N2 and CO2/CHa4 gas mixtures separation, observing a reduction
of CO2/N2 and CO2/CH4 selectivity in wet condition with respect to dry condition.
Polysulfone and polyimide fibre membranes performance was studied by the central
waste water treatment plant in Prague, where biogas is produced by anaerobic
fermentation of sewage sludge [215]. Real biogas that contained 70—100 mg m > of H2S
with a relative humidity of 40-50% was used in the experimental measures.

In this chapter, the water vapour effect on the membrane gas separation performance in
CO2/CH4 mixture was studied. Analysis was carried out at different CO2/CHas selectivities
(from 25 to 100), pressure ratio and flow rate/membrane area ratio and performance maps
were opportunely developed. The presence of water vapour reduced the CO2/CHs
selectivities up to 28%, due to competitive sorption between CO2 and water vapour, and
this influences the separation stage design. Moreover, the CH4 retentate recovery, which
in dry conditions was 85.3% (CO2/CH4 selectivities of 25), was reduced to 80.9%
(CO2/CH4 selectivities of 18) in wet conditions, with a loss of 4.4%, at the methane
concentration stream of 90%.

The simulation model developed by Brunetti et al. [27], widely discussed in paragraph
2.3, was here used for investigating the performance of a single stage membrane for
separating a saturated biogas stream. We studied the performance of a Matrimid 5218
hollow fibre membrane module fed by mixed-gas (CO2:CHs= 40:60) in both dry and
humidified conditions, at different pressure ratio. Specifically, we focused on the effect
of humidity in terms of recovery and purity of CH4 and CO2 and on membrane area.

The mass transport properties used for simulations are based on Matrimid 5218

membranes studied by Falbo et al. [186], measured in mixed gas conditions (Table 14).
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In the case of saturated mixed gas conditions, they observed that the membrane module

used for experimental measurements shows a loss of selectivity with respect to measures

carried out in dry condition. Table 2 summarizes the operating conditions used for

simulations in this thesis.

Table 14. Membrane properties of Matrimid® 5218 hollow fibres considered

in the simulations [186]

Feed composition

CH4 Permeance,

dm® (STP)m™ h™! bar™!

CO2/CHa Selectivity,

CH4:C0O2=60:40

~2

25

CH4:C0O2=60:40

at RH=100%

1.4

18

Table 15 - Operating condition

Temperature, °C

25

Feed/permeate pressure ratio, -

10-20

Feed stream composition, %

CH4:C0O2=60:40

(dry and RH=100%)

The results presented in this chapter have been published in (see reference [216]):

Melone L., Giorno L., Brunetti A., Barbieri G. "Analysis of membrane unit performance

in presence of wet COz-containing mixtures"; Chem. Eng. Res. Des., 2020, 153, 721-
727, DOI: 10.1016/j.cherd.2019.11.034
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5.1. Results and Discussion

Figure 31 shows CH4 concentration in the retentate as a function of recovery in dry (red
line) and wet (blue line) conditions. Falbo et al. [186], as before mentioned, showed the
CO2/CH4 selectivity from 25 to 18 (CO2/CHa selectivity reduction of 28%) due to
presence of water vapour with respect to dry conditions. CH4 concentration in the
retentate side in wet conditions is lower than in dry ones, but this reduction did not
significantly affects the curves (Figure 31) which resulted very close to each other.

A CHa4 concentration of 90% in dry condition corresponds to CH4 recovery of 85.3%
(point A in Figure 31). Owing to humidity the CHa4 recovery reduces to 80.9 (Point B) at
the same CHa4 concentration of 90%. For the same recovery, methane retentate
concentration reduces from 90% (dry condition) to 87.5% (wet condition) (Point C).
Higher CO2/CHa4 selectivity of 50 and 100 were considered for the new polymeric
membranes discussed in the introduction chapter which showed separation performance
higher [217,218] than Matrimid5218 membranes [186]. In all cases, CO2/CHa4 selectivity
reduction of 28% from dry to wet condition was used. Analogous trends could be
observed for CO2/CHas selectivity of 25 at CO2/CHa selectivity of 50 and 100 (Figure 32

and Figure 33, respectively).
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Figure 31 — CH4 retentate molar concentration as a function of recovery in dry (red line) and wet
(black line) condition. Pressure ratio of 10. CO»/CHy selectivity of 25. Dashed line: permeation
number. Symbol: circle (A), CHs retentate molar concentration of 90% at RH=0%; diamond (B),
CH,4 retentate molar concentration of 90% at RH=100%; triangle (C), CH4 retentate molar
concentration of 87.5% at RH=100%.

CO2/CHzs selectivity reduction occurs from 50 (in dry condition) to 36 (in wet condition),
(Figure 32), and from 100 (in dry condition) to 72 (in wet condition), as shown in Figure
33. Figure 32 and Figure 33 show the same target of methane concentration of 90% (Point
A’ and A”’, respectively), as assumed in Figure 31.

Point A’ (Figure 32) corresponds to CH4 recovery in dry condition of 91.6%, against 89%
(Point B’) obtained in wet conditions. For the same recovery, methane retentate

concentration reduces from 90% (dry condition) to 88% (wet condition) (Point C”).
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At the same target of CH4 concentration of 90%, a methane recovery of 95.2% (Point A”’,
Figure 33) is reached in dry conditions, while methane recovery of 93.7% (Point B*’) was
obtained in wet conditions for CO2/CHa4 selectivity of 100.

For the same recovery, methane retentate concentration reduces from 90% (dry condition)
to 88.5% (wet condition) (Point C*’).

The main result, obtained thanks to the simulations carried out at CO2/CHa4 selectivity of
25, 50 and 100, is the humidity effect, which is less evident as much higher CO2/CH4
selectivities.

In particular, humidity reduced methane recovery of 4.4% with respect to dry conditions
for CO2/CHs4 selectivity of 25. At higher selectivities, methane recovery decreases
progressively of 2.6% at CO2/CHa selectivity of 50 and of 1.5% at CO2/CH4 selectivity
of 100.

Water vapour effect is more evident on the permeate where the COz rich stream is
recovered, with respect to CH4 concentration profile discussed before. The CO2/CHa
selectivity reduction affects the CO2 permeate concentration significantly (Figure 34).
Scholes et al [219] discussed the water effect in the polymeric matrix. The CO2
permeability in wet condition is lower because of the very high solubility and fill capacity
of the microvoids. By considering the CO2 concentration correspondent to that of CHa
equal to 90% in the retentate side (Point A), CO2 permeate concentration reduces from
79.5% to 75.1% in the presence of water. In terms of separation, the COz rich stream
characteristics are equally important with respect to CHs rich stream to define if a
downstream treatment is necessary to fit the targets of storage.

A low CHa4 permeate concentration allows COz storage, otherwise other separation stages

are required.
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Figure 32 — CH4 retentate molar concentration as a function of recovery in dry (red line) and
wet (black line) condition. Pressure ratio of 10. CO,/CHj selectivity of 50. Symbol: circle (A”),
CH,4 retentate molar concentration of 90% at RH=0%; diamond (B’), CH4 retentate molar
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Figure 33 — CHj4 retentate molar concentration as a function of recovery in dry (red line) and
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(A’”), CH4 retentate molar concentration of 90% at RH=0%; diamond (B’’), CH4 retentate
molar concentration of 90% at RH=100%; triangle (C), CH4 retentate molar concentration of

88.5% at RH=100%.

Table 16 reports the maximum CO: permeate concentration attainable at different
CO2/CHa4 selectivities for wet and dry stream.

Corresponding to Point A (CO2/CHa4 selectivity of 25 and CH4 concentration of 90%),
CO2 permeate concentration reduces from 92.7% in dry conditions to 90.2% at relative
humidity (RH) of 100%. For the same recovery, methane retentate concentration reduces
from 90% (dry condition) to 87.5% (wet condition) (Point C). When increasing the
CO2/CHa selectivity to 50 and 100, the maximum achievable COz permeate concentration

increases up to 96.2% (dry), 98.1% (dry), 94.8% (wet) and 97.3% (wet) in wet condition,
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respectively (Table 16). As reported, humidity effect on separation performance is lower

at higher selectivity.
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Figure 34 — CO; permeate molar concentration as a function of recovery in dry (red line) and wet
(black line) condition. Pressure ratio of 10. CO,/CHy4 selectivity of 25. Dashed line: permeation
number. Symbol: circle (A), CHs retentate molar concentration of 90% at RH=0%; diamond (B),
CH,4 retentate molar concentration of 90% at RH=100%; triangle (C), CHs retentate molar
concentration of 87.5% at RH=100%.
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Table 16 - Maximum CO; permeate concentration when CO» recovery close to 0% at different

CO,/CHys selectivity and humidity concentration in feed stream.

Maximum CO2 | Maximum CO2 | CO2 concentration
CO2/CH4

permeate concentration | permeate concentration | difference, %
selectivity, -

(@RH=0%), % (@RH=100%), %
25 92.7 90.2 25
50 96.2 94.8 1.4
100 98.1 97.3 0.8

5.1.1. Effect of humidity at different pressure ratios

In industrial applications the separation pressure ratio is tuned and it is chosen as a
function of economic evaluations and of the operating conditions available. In integrated
membrane processes, feed and permeate pressure can be tied to upstream and downstream
operations with respect to membrane separation system. In this case, the pressure ratio is
bounded to upstream and downstream operating conditions. In this section, the effect of
humidity at different pressure ratios was studied.

Figure 35 shows CHa4 retentate concentration as a function of CH4 recovery in dry (red
line) and wet (blue line) conditions, at a pressure ratio of 10 (solid line) and 20 (dashed
line). At low CHa4 recovery the membrane selectivity does not affect the membrane
module performance, and the permeate purity is controlled only by the pressure ratio. At
a higher-pressure ratio, the absolute value of the limit slope is higher.

Table 17 reports CHa recovery in dry and wet conditions at CH4 retentate concentration

of 90% (Point A, Figure 35). At higher-pressure ratios, the separation is less affected by
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humidity; in fact, CH4 recovery variation at pressure ratio of 20 is 3.4%, which is lower

than 4.4% obtained at a pressure ratio of 10.
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Figure 35 — CH4 retentate concentration as a function of CHy4 recovery in dry (red line)
and wet (black line) condition. CO,/CHj selectivity of 25. Pressure ratio of 10 (solid line)
and 20 (dashed line). Symbol: circle (A), CH4 retentate molar concentration of 90% at
RH=0%; diamond (B), CH4 retentate molar concentration of 90% at RH=100%.

Table 17 — CHs4 recovery at CHy4 retentate concentration of 90% at different

pressure ratio and humidity concentration in feed stream.

CHs4 recovery | CH4 recovery | CH4 recovery
Pressure ratio, -

(dry), % (@RH=100%), % | difference, %
10 85.3 80.9 4.4
20 90.5 87.1 34
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5.1.2. Effect of humidity on membrane area

Figure 36 shows CH4 (a) and COz (b) retentate concentration (solid line) and recovery
(dashed line) as a function of feed flow rate/membrane area ratio. Design of the membrane
modules in terms of membrane area must be opportunely modulated by considering
CO2/CHa selectivity reduction due to water presence in the feed stream, in order to obtain
certain targets of recovery and purity.

Simulations were carried out at pressure ratio of 10 and CO2/CHs selectivity of 25. At a
given feed flow rate, all of the curves are shifted towards higher CH4 retentate
concentration and lower CH4 recovery (Figure 36a) for higher membrane areas. At the
same feed flow rate/membrane area ratio in dry conditions, the higher CH4 amount
remaining in retentate side induces a lower CH4 recovery than in wet. CO2 permeate
concentration in dry condition is higher than in wet condition at higher feed flow
rate/membrane area ratio. At a higher membrane area, CO2 permeate concentration
drastically decreases due to methane permeation through the membrane. In wet condition
this behaviour is lower because CO2 permeation driving forces are higher at the same feed
flow rate/membrane area ratio (Figure 37). For this reason, at a low feed flow

"' m™?) CO2 permeate concentration in

rate/membrane area ratio (lower than 0.133 dm® s~
dry condition is lower than in wet.

Figure 37 shows CO:z partial pressure (left) as a function of feed flow rate/membrane area
ratio. COz retentate partial pressure variation between dry and wet condition is more
evident in retentate side. As discussed before, due to the reduction of CO2/CHa selectivity
in wet condition with respect to dry, the CO2 average concentration in wet condition along

the membrane module is higher than in dry. As a consequence, the CO2 driving force is

higher (Figure 37, right).
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Figure 38 shows CHa retentate concentration (left) and CH4 recovery (right) as a function
of feed flow rate/membrane area ratio at different pressure ratio of 10 and 20. At higher
pressure ratio, the humidity effect is more evident. In terms of concentration and recovery
profiles, the driving force amplifies the effect of selectivity. At higher pressure ratios, the

permeation driving force is higher and the humidity effect is more important.
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Figure 38 - CHy4 retentate concentration (left) and CHs4 recovery (right) as a function of feed
flow rate/membrane area ratio. Pressure ratio of 10 (solid line) and 20 (dashed line). CO,/CH4

selectivity of 25.

5.2. Conclusion

The separation performance of a membrane unit for CHs4 enrichment in CO2/CH4
separation, by considering a feed stream composition of CO2:CHs4= 40:60 in dry and
humidified conditions, was analysed. The presence of water vapour in the gas mixture
significantly changed the performance of the membrane unit, especially in terms of
CO2/CHea selectivity reduction (about 28%). A methane concentration target of 90% was

used and, as a consequence, CHas retentate recovery of 85.3% obtained in dry condition
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was reduced to 80.9% in wet, with a loss of 4.4%. At the same CHs retentate
concentration, a CH4 recovery difference of 3.4% at a pressure ratio equal to 10 was
obtained, against a reduction of 4.4% at pressure ratio of 20.

Results show that higher membrane selectivity performances (in terms of higher CO2/CH4
selectivity) and lower pressure ratios allow to reduce the humidity effect on the membrane
separation.

For industrial applications higher selectivity allows to work at lower pressure ratio and,

consequently, to reduce the recovery loss between dry and wet condition.

119



6. Membrane Integrated Process for

Trichloroethylene Mixture Separation

Removal of volatile organic compounds (VOCs) from industrial streams is an important
challenge. Trichloroethylene, as toluene, methylene chloride, phenol and etc., are
considered potential pollutants [220,221]. Trichloroethylene is used predominantly in
chemical industry as a solvent for cleaning, metal degreasing, and various other activities
and it represents an important source of air pollution, due to its volatility[220]. Membrane
systems have become one of the most promising innovative technologies for VOCs
abatement with respect to conventional ones as activated carbon adsorption or chemical
oxidation [220,221,222,223].

Today, membrane technology has an important focus in chemical and petrochemical
industry for VOCs concentration and recovery [6]. Particular attention is focused on
rubbery polymers, such as PDMS, widely used for its selectivity to VOCs with respect to
water and air [224,225].

In this chapter, the treatment of trichloroethylene/N2 mixture streams is considered. This
mixture is usually present in the off-gases of vulcanization accelerating agent synthesis.
Yeom et al. [224] investigated C2H3Cl3/Nitrogen separation with PDMS membranes. The
main results obtained in this work is based on the VOCs effect in blocking nitrogen
permeation. In other words, higher C2H3Cl3/N2 selectivity can be obtained at higher
C2H3Cls feed concentration.

The integrated membrane process for the treatment of C2HCI3 mixtures was compared to
traditional gas treatments. Three case studies are considered: membrane integrated

process (case study 1), high pressure-heat condenser (case study 2) and cryogenic
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condenser (case study 3). Up to now, cryogenic treatment is the Best Available
Technology (B.A.T.) used in VOCs treatment. However, new gas treatment solutions are
highly desirable due to the high energy demand and the cost of liquid nitrogen. The
simulations carried out focused to increase C:HCIs recovery and reduce C2HCIl3
concentration in the stream discharged into atmosphere.

Process intensification metrics were used to compare separation and energetic
performances. In the last decades, efforts have been made for defining indicators to
measure the industrial process sustainability in terms of environment, economy and
society impact [226,227,228,229]. Drioli el al. [230] investigated the process
intensification impact of membrane technologies in desalination. The authors used the
metrics for the monitoring of the progress and improvement of membrane operations by
taking into account plant size, weight, flexibility, modularity, etc.

In this work, a similar approach as the one developed by Drioli et al. [230] was followed
in the trichloroethylene/nitrogen mixture gas separation. Mass and energy intensity, for
system performance in various case studies are investigated and used for comparing the
different technologies.

Table 18 summarizes the membrane properties considered for the simulations, while the
operating conditions are listed in Table 19.

The mass transport properties used for simulations are those provided for PDMS
membranes as reported by Yeom et al. [224]. On the basis of literature data, in most of
cases, PDMS membranes show olefins/paraffins selectivity equal to 1-2 [231]. Therefore,
here it was assumed that C2HCls has the same behaviour of C2H3Cls. As shown by Yeom

et al. [224] and as mentioned before, VOCs are more permeable than N2 and their
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recovery occurs in the permeate side. In their work a range of VOCs/N: selectivity from
70 to 500 was reported.

Table 20 reports the heuristics parameters assumed for other devices simulation which
have a compressor adiabatic efficiency of 75%. On the basis of literature data [232], we
assumed a maximum stream temperature exiting from vacuum pump close to 70 °C and
a vacuum pump energy requirement of 2 kW for a stream of 100 m*/h at 40 mbar. The
pressure drop in the polymeric membrane module on feed/retentate side was assumed

being negligible [231,233, 234].

Table 18 — Membrane properties [224]

C2HCls permeability, 18.9
C2HCI3 Permeance, pmol m? s! Pa’! 38
C2HCIl3/Nz2 Selectivity, - 100 - 500

Table 19 — Operating condition of the feed stream

Temperature, °C 40
Pressure, bar 1.2
Mixture volumetric flow rate 100 Nm*/h (~4.46 kmol/h)
Feed stream composition, molar % C2HCl3:N2=10:90

As mentioned previously, energy intensity and mass intensity (discussed into 1.3 Process
intensification paragraph) approaches were used.

Results show that the membrane integrated process is the best solution in terms of energy
intensity (61.6 kJ mol') with respect to high pressure condensation and cryogenic

systems which showed energy intensity of 142.9 and 110.7 kJ mol™!, respectively.

122



Table 20 — Heuristic assumption in device design

Compressor adiabatic efficiency, % 75
Heat exchange pressure drop, kPa 13.8
Activated carbon pressure drop, kPa 1.24

Membrane pressure drop along feed/retentate
Negligible
side, kPa

The results presented in this chapter have been published in (see reference [235]):

Melone L., Brunetti A., Giorno L., Barone M., Barbieri G. "Trichloroethylene/Nitrogen

Mixture Separation via membrane operations: comparison with traditional

technologies"; Sep. Pur. Tech. 251 (2020) 117344.

6.1. Results and Discussion

For a single gas separation unit at fixed feed/permeate pressure ratio of 30, the trend of
C2HCls concentration in the permeate was studied for several C2HCI3/Nz selectivity
ranging from 100 to 500, as shown in Figure 39.

In the permeate, ca.70% of C2HCI3 was recovered corresponding to a concentration of
89.3%, by assuming C2HCI3/N2 selectivity of 400 [224]. At the same time, C2HCI3
concentration detected in the retentate was 3.25%, therefore, to reduce it below 1% a
further separation stage is required (low C2HCIl3 concentration ensures longer life of the
activated carbon adsorber system). In order to study the separation performance at lower
energy request, the same measurements were carried out at feed/permeate pressure ratio

of 20. As shown in Figure 40, similar trends were obtained as in the case of pressure ratio
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20. Generally, a lower pressure ratio corresponds to a lower separation performance [27],
therefore, a pressure ratio of 20 was allowed both lower C2HCIs recovery (at the same
C2HCI3 feed concentration) and lower C2HCls permeate concentration (at the same
C2HCI3 recovery).

Assuming a C2HCl3 recovery target equal to 70% (point A’ - Figure 40), the C2HCls
concentration was 65.75%, lower than the value obtained at a pressure ratio of 30 (point
A- Figure 12, 89.3%). Similarly, at a C2HCls concentration of 89.3% (pressure ratio of

30) also the C2HCIl3 recovery decreased from 70% to 53.4% at a pressure ratio 20.
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Figure 39 — C,HCI3 molar concentration as a function of recovery. CoHCl3:N,=10:90.
Feed/permeate pressure ratio of 30; C,HCI3/N;, selectivity of 100, 200, 400 and 500; Point A:
C,HCI; recovery of 70%, pressure ratio of 30 and C;HCl3/N selectivity of 400.
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Figure 40 - C,HCl; molar concentration as a function of recovery. C,HCI3:N, =10:90.
Feed/permeate pressure ratio of 20; C,HCI3/N; selectivity of 100, 200, 400 and 500. Point A’:
C,HCIl; molar concentration of 65.75% and C,HCIls recovery of 70%. Point A’’: C,HCl; molar
concentration of 89.3% and C,HCI; recovery of 53.4%.

In order to examine the effect of the pressure ratio on the membrane performance, the
C2HCl3 and N2 molar concentration are reported as a function of recovery in Figure 41.
Both pressure ratio values were selected by considering the lowest pressure that can be
reached through the vacuum pump (40 mbar), corresponding to the pressure ratio of 30
at feed pressure of 1.2 bar.

At both the permeate and retentate side, the higher pressure ratio shifted the curves,
getting higher purity and recovery [27].

By maintaining a fixed recovery of 70%, the permeate stream achieved a purity of 89.3%,
higher than that gained by a pressure ratio of 20 (65.8%). Thus, just one stage was not
enough to reach, in the meantime, the best results in terms of both C2HCI3 recovery in the

permeate and C2HCI3 residual content in the retentate, close to 90% and lower than 1%
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respectively. Therefore, to enhance the process performance, another stage was added.
So to rise the C2HCIl3 recovery, operatively the configuration system was changed by re-
treating the stage I (point A - Figure 43) which became the feed of stage II. This
adjustment permits to achieve a C2HCIl3 recovery of 80% (Figure 44), corresponding to a

total C2HCIs recovery in the whole membrane system of 94%.
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Figure 41 — C;HCI; (a) and N, (b) molar concentration as a function of recovery. C;HCI3/N,
selectivity of 400. Feed/permeate pressure ratio of 20 and 30. Point A: C;HCl; recovery of
70%, pressure ratio of 30 and C;HCIs/N; selectivity of 400.
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Figure 42 — C;HCI3 permeate concentration as a function of feed flow rate/membrane area ratio.

C,HCI3/N; selectivity of 400. Pressure ratio of 40 (black), 60 (blue) and 80 (red)

Figure 42 shows C:HCIls permeate concentration as a function of feed flow
rate/membrane area ratio at different feed/permeate pressure ratio of 15, 20 and 30.

Simulations were carried out at pressure ratio of 15, 20 and 30 and C2HCI3/N2 selectivity
0f 400. At a set feed flow rate and lower membrane area all the curves are shifted towards
higher C:HCIs permeate concentration. At a higher membrane area, C:HCl3 permeate
concentration drastically decreases due to nitrogen permeation through membrane.

At low feed flow rates/membrane area ratio, higher feed/permeate pressure ratio allows
to reach the same C2HCl3 permeate concentration, by using lower membrane area, at a
given feed flow rate. Instead, the maximum C2HCIl3 permeate concentration increases at

higher pressure ratio [27]. Higher feed flow rate/membrane area ratio corresponds to low
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membrane area for a given feed flow rate and the condition is close to initial membrane
module (membrane length tends to 0). The C2HCl3 concentration tends to the maximum
value allowed at the operating condition which is higher at higher pressure ratio (as shown

in Figure 41).
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Figure 43 — C,HCI3; molar concentration as a function of recovery. C;HCl3:N»=3.25:96.75.
Feed/permeate pressure ratio of 30; C;HCI3/N; selectivity of 400; Point B: C;HCl; recovery of
80%, pressure ratio of 30 and C;HCIs/N; selectivity of 400.

The flow diagram of the integrated membrane process (case study 1) for C:HCI3
separation from nitrogen mixture is shown in Figure 44. The stream to be treated is fed
to the two-stage membrane system, whose performance were described above. The

adjustment carried out permits to ensure a retentate stream containing only the 0.74% of
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C2HCl3, whereas the rest of C2HCl3 was recovered in the permeate (94%). The membrane
units thus allowed to reach a composition of 49.87%, the rest being N>. Before releasing
the stream in the atmosphere, an activated carbon adsorber was then used in the retentate
to remove the residual C:HCIs. Table 21 reports the data in both system configurations.
This multistage membrane system, giving a final retentate stream with a lower C2HCI3
concentration, allowed to improve the performance of the process, to increase the life and
to reduce the volume of activated carbon filter with respect to the case where no
membranes were used.

In order to recover pure C2HCls, the permeate stream of the membrane system was then
fed to a condenser. Table 22 reports vacuum pump operating conditions and streams
molar composition.

Table 23 reports the data obtained from the outlet stream of the vacuum pump (at 120
kPa and 70 °C) which was fed to the condenser operating at -5 °C. Thanks to this further
step, the C2HCls recovered in the liquid phase raised up to 96.7%, instead of the ca. 94%
previously obtained, whereas the rest of vapour stream was fed to an activated carbon

adsorber.
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Figure 44 — Case Study 1: Flow sheet of integrated membrane process for N»/C,HCl; stream treatment.
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Table 21 — Membrane units operating condition and streams molar composition.

First membrane stage Second membrane stage
Inlet | Retentate | Permeate Inlet Retentate | Permeate

OTemperature, 40 40 40 40 40 40
C
Pressure, kPa | 120 120 4 120 120 4
Molar Fl
oRr O 446 | 4l 0.35 4.11 3.62 0.49
kmol h
N2:C2HCls
molar

. 90:10 | 96.75:3.25 | 10.7:89.3 | 96.75:3.25 | 99.26:0.74 | 78.21:21.79
composition,
%

Table 22 — Vacuum pump operating condition and streams molar composition.

Inlet Outlet
Temperature, °C 40 70
Pressure, kPa 4 120
Molar flow rate, kmol h! 0.84 0.84
Nz:GHEL molar |49 87:50.13 | 49.87:50.13

composition, %
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Table 23 — Condenser operating condition and streams molar composition.

Inlet Vapour Condensed
Temperature, °C 70 -5 -5
Pressure, kPa 120 106.2 106.2
Molar flow rate, kmol h! 0.84 0.43 0.41
I:(fni;iillzn y molar | 49 87:50.13 | 97.92:2.08 0.66:99.34

In case study 2, instead, was considered the use of traditional technologies as showed in
Figure 45. Here, the untreated stream was firstly fed to a heat exchanger, which allowed
to condense and, consequently, to recover 80% of C2HCl3 with a purity of 99.34% (Table
24). Then, vapour stream exiting from the heat exchanger (4.1 kmol h™! at -5 °C and 106.2
kPa) was fed into the two-stage intercooler compressor, where the first one operated at
365 kPa and -5 °C (Table 25). This allowed to condense a stream containing 97.77% of
C2HCls. The rest of the vapour stream was fed to a second compressor where the pressure
was increased up to 1200 kPa and the outlet stream reached 76 °C. At this point, through
a second heat exchanger, the temperature was decreased from 76 °C to -5 °C (Table 26).
In this way a vapour stream with a C2HCl3 concentration lower than 0.22% was obtained,
which was then treated with an activated carbon adsorber before being discharged. The

condensed stream concentrated at 93.45% in C2HCls.
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Figure 45 — Case Study 2: Flow sheet of traditional technologies for No/C,HCl; stream treatment.
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Table 24 — First heat exchanger unit operating condition and streams molar composition.

Inlet Vapour Condensed
Temperature, °C 40 -5 -5
Pressure, kPa 120 106.2 106.2
Molar flow rate, kmol h! 4.46 4.1 0.36
ifni;iill;n y molar | 0.1 97.92:2.08 | 0.66:99.34

Table 25 — Compressor operating condition and streams molar composition.

Intermediate
Inlet Outlet
condensed stream
Temperature, °C -5 -5 76
Pressure, kPa 106.2 365 1200
Molar flow rate, kmol h’! 4.1 0.06 4.04
N2:C2HCl1 1
#CGHCL MO 97.92:2.08 2.23:97.77 99.37:0.63

composition, %

Table 26 — Second condenser unit operating condition and streams molar composition.

Inlet Vapour Condensed
Temperature, °C 76 -5 -5
Pressure, kPa 1200 1186 1186
Molar flow rate, kmol h! 4.04 4.02 0.02
I:;giizn o molar| g9 37.063 | 99.78:0.22 6.55:93 .45
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The third case study takes into account the use of cryogenic technologies which, up to
now, are considered, the best available system for VOCs treatment. Figure 46 shows the
scheme for N2/C2HCl3 stream treatment. In this case study, in order to enhance the C2HCl3
recovery, the untreated stream was fed to the cryogenic heat exchanger set at -80 °C by
using liquid nitrogen (because -87.1 °C is the C2HCls melting temperature) (Table 27). In
this condition, C:HCI3 was totally recovered and, before to release the stream in the
atmosphere, the non-condensable part was fed to a heat exchanger (Table 28). A fan was
then added downstream to the heat exchangers to set the pressure above the atmospheric

one (Table 29).
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Figure 46 - Case Study 3: Flow sheet of cryogenic technology for N»/C,HClI; stream treatment.
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Table 27 — Cryogenic heat condenser unit operating condition and streams molar

composition.

composition, %

Inlet Vapour Condensed
Temperature, °C 40 -80 -80
Pressure, kPa 120 106.2 106.2
Molar flow rate, kmol h! 4.46 3.92 0.54
N2:GHEL molar | g1 100:0 16.9:83.1

Table 28 — Heat condenser operating condition and streams molar composition.

composition, %

Inlet Outlet
Temperature, °C -80 20
Pressure, kPa 106.2 92.4
Molar flow rate, kmol h’! 3.92 3.92
N2:C2HCl3 molar 100:0 100:0

Table 29 — Fan operating condition and streams molar composition.

Inlet Outlet
Temperature, °C 20 290.1
Pressure, kPa 92.4 120
Molar flow rate, kmol h*! 3.92 3.92
N2:C2HCI3 molar 100:0 100:0

composition, %
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In order to properly compare all of the case studies and estimate the most sustainable one,

an energetic analysis was performed.

As reported in Table 30, the integrated membrane process required a total energy demand

of 7 kW with the heat exchanger consuming ca. 71.3% of the total energy. In case study

2, the compressor was the most energy demanding device, consuming 9.07 kW,

correspondent to (Table 31) 52% of the energy request. The higher energy request of the

case study 3 was equal to 10.26 kW, corresponding to the cryogenic unit, due to the heat

flow for performing the C2HCI3 condensation, as reported in Table 32.

Globally, the advantage offered by the membranes use implies a significant reduction of

energy consumption with respect to the other two traditional operations (7 kW with

respect to 17.4 and 13.72 for case study 2 and 3, respectively).

Table 30 — Case Study 1. Operating condition and heat flow requirement of heat exchanger and

vacuum pump.

Pressure difference, | Heat Flow,
Inlet, °C | Outlet, °C
kPa kW
Vacuum pump 40 70 116 2
Heat Exchanger 70 -5 -13.79 4.97
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Table 31 — Case Study 2. Operating condition and heat flow requirement of heat exchangers and

COmpressor.
Pressure difference, | Heat Flow,
Inlet, °C | Outlet, °C
kPa kW
Heat Exchanger 40 -5 -13.79 5.44
Compressor -5 75.9 1094 9.07
Heat Exchanger 75.9 -5 -13.79 2.89

Table 32 — Case Study 3. Operating condition and heat flow requirement of heat exchangers and

fan.
Pressure difference, | Heat Flow,
Inlet, °C | Outlet, °C

kPa kW

Cryogenic Heat
40 -80 -13.79 10.26
Exchanger
Heat Exchanger -80 20 -13.79 3.16
Fan 20 20 +27.6 0.3

Energy and mass intensity are two handy indexes to compare among these three
technologies adopted in the case studies. These parameters are often used as process

intensification metrics for highlighting the advantages of one technology to another.
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Energy intensity (Eq. 71) is the ratio between power required to plant and the main
compound (in this work is C2HCI3) product flow rate. At a low value of energy intensity
corresponds higher energy. Mass intensity (Eq. 72) is defined as the recovery of main
compound with respect to its total inlet stream. In our work, mass intensity is defined as

the ratio between C2HCls product flow rate and total C2HCl3 inlet flow rate.

£ Intensity — Power required I -1 Eq. 71
nergy itensity = C,HCl; recovered flow rate ’ J mo
C,HCI; recovered flow rate Eq. 72

Mass Intensity = y
Y Total C,HCl; inlet flow rate

In particular, an intensified process was generally defined by a high mass intensity and a
low energy intensity.

Figure 47 shows the energy intensity and the mass intensity versus the total C2HCls
concentration before the activated carbon treatment, and the C2HCI3 concentration in the
recover liquid stream, respectively.

Energy intensity was compared to “disposal in activated carbon” which was defined as
the ratio between the C2HCl3 amount fed to the activated carbon adsorber and total
C2HCl3 amount in the feed stream. Instead, the mass intensity was compared to “reuse
liquid stream” which is the C2HCIl3 amount condensed and stored during the gas
treatment.

Firstly, we have to consider that both case study 1 (Figure 44) and case study 2 (Figure
45) require an adsorption system to reduce the C2HCIl3 concentration close to 0 before

discharge the stream in atmosphere.
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On the contrary, in the case study 3 (Figure 46), thanks to cryogenic condensation, a total
recovering of C2HCl3 was obtained in the liquid phase, therefore its mass intensity (mass
intensity of 1) results higher compared with both case study 1 (mass intensity of 0.91)
and 2 (mass intensity of 0.98). However, energy intensity of case study 1 (61.6 k] mol™")
was lower than that of case study 2 (142.9 kJ mol™) and case study 3 (ca. 110.7 kJ mol’
1. These considerations highlights that the membrane integrated process requires lower

energy to reach the same target of alternative technologies.
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Figure 47 — Energy intensity and mass intensity as a function of average C;HCl3 concentration to
disposal in activated carbon and average C,HCI; concentration to reuse liquid stream,
respectively. CS1: case study 1, membrane integrated system; CS2: case study 2, high pressure-

heat condenser system; CS3: case study 3, cryogenic condenser.
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From an industrial point of view, membrane integrated process assumes a relevant
position. Other technologies could reach the same results but require high pressure
systems, that need to follow pressure equipment directive (PED). In addition, the use of
higher pressure systems implies higher capital costs and periodic and expensive
maintenance. The membrane process, working at low pressure, is cheaper technology,
more appealing than plants operating at high pressure, and preferred from an

environmental point of view.

6.2. Conclusion

The separation of C2HCIs from N2/C2HCl3 mixtures was studied by considering three case
studies: membrane integrated system (case study 1), high pressure-heat condenser system
(case study 2) and cryogenic condenser (case study 3). The third case is today considered
the best available technology for this application, allowing to fully recover C2HCls.
Nevertheless, high energy demand, at least equal to 13.72 kW, is required to reach
cryogenic temperature. In terms of energy consumption, the worst system is the high-
pressure one (case study 2) which required the higher energy power ~17.4 kW. Membrane
integrated process is the less energy intensive, with an energy requirement close to 7 kW
and an energy intensity of 61.6 kJ mol'. However, the main disadvantage of this
technology was the incomplete C2HCls recovery corresponding to a mass intensity value
of 0.91. Cryogenic technologies, instead, allowed the total recovery with mass intensity
of 1 despite the higher energy intensity value. On the other hand, the high pressure system
showed the highest energy intensity due to the high energy demand of compressor and

condenser devices.
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This study underlined that membrane technology allows an important energy saving in
terms of lower energy intensity with respect to traditional technologies for C2HCI3/N2 gas
separation. In addition, the membrane integrated system used for the total CoHCls

recovery shows remarkable perspectives for its application.
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7. Conclusions

In this dissertation, permeability properties of membranes for gas separation of industrial
mixture streams were studied. A preliminary analysis of kinetic diffusivity measurements
in the Sieverts apparatus was carried out. The aim was to evaluate the diffusivity and
solubility of gases at high pressure and to improve the measurement accuracy when using
small samples available on a research lab scale. Thermodynamics analysis was carried
out for several gases by using cubic and state equations. The un-steady state analysis
demonstrated the possibility of the Sieverts apparatus to be used in kinetic analysis but,
due to the high number of possible parameters, the correct tuning of the measurements
was crucial to obtain consistent results. The use of a volumetric system to investigate the
transport properties of the materials permitted an extensive overview of the physics of the
system. Experimental analyses were carried out for polymeric membranes, such as
Matrimid and PIM, using pressure drop and concentration gradient methods. Matrimid
membrane was studied in a wide temperature range from -25 °C to 150 °C. Membrane
showed a good temperature resistance and in all the considered range followed an
Arrhenius behaviour. The good membrane operability at different temperatures is
promising for their use in different industrial fields. PIM-based membranes are more
innovative materials with respect to Matrimid membranes and showed significant
separative performances (high CO2 permeability up to 1200 Barrer and good CO2/N2
selectivity up to 22.5). The membranes showed a good resistance to plasticization, as
highlighted by the results obtained through high pressure measurements. The results

showed a high potential of this new type of PIM-based polymers and, in particular,
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indicated that this PIM-PI random copolymer membranes have remarkable potential to

be used for CO2 gas separation.

The analysis of the permeability properties was the basis to investigate membrane or
integrated membrane system for industrial application. Two papers were published on
these topics. The first one “Analysis of membrane unit performance in presence of wet
COz-containing mixtures (see ref. [216]), dealt with the effect of saturation humidity on
CO2/CH4 separation, by considering a feed stream composition of CO2:CH4=40:60
(composition approximate to biogas streams in the absence of the other species that are
present in smaller quantities or traces). Owing to the high adsorption capacity, water and
CO2 competed for permeation, hence humidity drastically reduced the CO2 permeance.
CO2/CHa selectivity decreased of about 28% going from dry to wet conditions. The work
confirmed that the detrimental effect of humidity on the separation could be reduced by

operating with membranes having high CO2/CHa4 selectivity and low pressure ratios.

An important gas separation application is in the recovery of potential pollutants and/or
high value vapours. An integrated membrane process and its comparison with traditional
technologies was carried out for trichloroethylene recovery from No/trichloroethylene
mixture (Trichloroethylene/Nitrogen Mixture Separation via membrane operations:
comparison with traditional technologies, see ref. [235]). The analysis was carried out in

terms of trichloroethylene recovery and comparison of energy requirement.

This study underlined that membrane technology allows important energy saving with

respect to traditional technologies for C2HCl3/N2 gas separation.
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Appendix A — Publications

1) Melone L., Giorno L., Brunetti A., Barbieri G. "Analysis of membrane unit
performance in presence of wet CO2-containing mixtures"; Chem. Eng. Res. Des.

153 (2020) 721-727. DOI: 10.1016/j.cherd.2019.11.034.

2) Melone L. Brunetti A., Giorno L., Barone M., Barbieri G. "
Trichloroethylene/Nitrogen Mixture Separation via membrane operations:
comparison with traditional technologies"; Sep. Pur. Tech. 251 (2020) 117344.
DOI: 10.1016/j.seppur.2020.117344.
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Appendix B — Training PhD school activity

1) Metodologie avanzate di calcolo numeric.

2) Gestione della ricerca, della conoscenza dei sistemi di ricerca e dei sistemi di
finanziamento.

3) Nonlinear structure analysis.

4) Scienza e tecnologia delle membrane — Applicazione di membrane.

5) Scienza e tecnologie delle membrane — Caratterizzazione di membrane.

6) Scienza e tecnologie delle membrane — Preparazione di membrane.

7) Corso di formazione “Formazione generale e specifica alto rischio”

8) Introduction to Hybrid, Multifunctional, Stimuli-Responsive Materials

9) Introduction to Informatics and Scientific Calculation using Matlab

10) Writing a scientific paper: Guidelines and Tips — Technical English Course
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